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Abstract

The objective of this study was to evaluate the production of “Green Gas’ (SNG) from
relatively wet biomass/waste streams (70-95 wt.% water) by the supercritical (ca. 600°C, 300
bar) water gasification (SCWG) process. Wet biomass and related feedstock can be gasified in
hot compressed water to produce combustible gas mixtures. At relatively low temperatures, just
below the critical temperature, catalysts are required and gases rich in methane can be produced.
At higher temperatures and supercritical conditions, hydrogen-rich gases are formed, especialy
from low-concentration feedstock. When the biomass concentration in water increases, the
product will gradually contain more hydrocarbons and full conversion becomes difficult.
Catalysts are required then to improve the conversion. Catalysts, suitable for long operating
times, are not available yet. From the overall heat balance, it is demonstrated that intensive heat
exchange between feedstock and products is essential, especially for gasification in supercritical
water. This heat exchange is a non-trivial matter, as the feedstock will aready produce
decomposition products like tar and char or coke, while being heated. Non-conventional
solutions for the pump, heat exchanger and reactor, as well as for residua carbon combustion,
may be required to obtain a practical process. When producing SNG from the product gas, the
present hydrogen should react with carbon oxides in a methanation unit. The high pressure of
the product gas (300 bar) is favoured for methanation reactions. In practice, however, thisis not
proven yet. Although most impurities are expected to be removed with the agueous phase,
resulting in a large waste water stream, the product gas may still contain some impurities such
as sulphur and chlorine. Additional guard beds might, therefore, be necessary to prevent
deactivation of the methanation catalyst. An integral system analysis for the production of SNG
from glycerol by SCWG was executed, based on an Aspen Plus equilibrium model. For a
catalytic process with complete carbon conversion, overall SNG yields over 70% could be
achieved. Considering the economy of the SCWG process, it seems more redlistic that the
development of the process be based on production of methane-rich gas or SNG, instead of
hydrogen production. Low-temperature gasification will be favoured for SNG production,
compared to high-temperature gasification of biomass, resulting in higher methane
concentrations in the product gas, and a smaller external methanation unit. Besides, less external
heat will be necessary, to bring the feedstock to the required reactor inlet temperature, both
aspects resulting in lower costs. According to afirst rough estimation, the SNG production costs
by SCWG process are relatively high, even when the feedstock would be available for free. This
is mainly due to relatively high investment and maintenance costs of this process, compared to
other biomass/waste-related SNG production technologies. An important potential to reduce the
production costs in the SCWG process is the application of wet organic waste streams as
feedstock, with a negative market value. In other words, organic waste treatment can be a
promising application for the SCWG process. The SCWG process is in an early stage of
development. Additional R&D will be required at lab-/pilot-scale for the coming years,
followed by a techno-economic evaluation of the process, with the related go no-go decision
towards a demonstration.
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EXECUTIVE SUMMARY

Problem definition

One of the potentially interesting processes for the production of “Green Gas’ (SNG) is the
supercritical water gasification (SCWG) of relatively wet biomasswaste streams (70-95 wt.%
water). Gasification in hot compressed water converts wet biomass/waste streams into medium
calorific gas, rich in either hydrogen or methane. “Green Gas’ production can then be realised
by the integration of SCWG of biomass/waste and methanation/gas conditioning in one process.
This concept is especiadly interesting for the transition to a renewable fuel based economy,
using the existing natural gas infrastructure. To evaluate the potential of the SCWG technology
and make a comparison with other SNG production technologies, it is necessary to carry out a
technical and economic analysis of the technology for this specific application.

Objective

The objective of this study was to evaluate the production of “Green Gas’ (SNG) from
relatively wet biomass/waste streams (70-95 wt.% water) by the supercritical (ca. 600°C, 300
bar) water gasification (SCWG) process. This project can be considered as a complementary
work to an earlier NECST study “Feasibility of biomasswaste-related SNG production
technologies’ (Mozaffarian et al., 2003), in which, based on comparable assumptions, a number
of biomass conversion technologies for SNG production are evaluated.

Conclusions

A detailed review has been carried out regarding both sub- and supercritical gasification of

biomass. Also based on experimental data, delivered by the University of Twente, an integrated

model has been developed within the Aspen Plus process simulation package. Based on the
literature survey and the modelling work the following conclusions are made:

1. Wet biomass and related feedstock can be gasified in hot compressed water to produce
combustible gas mixtures. If produced, contaminants like tars and particulates will be in the
liquid phase. At relatively low temperatures, just below the critical temperature, catalysts
are required and gases rich in methane can be produced. At higher temperatures and
supercritical conditions, hydrogen-rich gases are formed, especially from low-concentration
feedstock. When the biomass concentration in water increases, the product will gradually
contain more hydrocarbons and full conversion becomes difficult. Catalysts are required
then to improve the conversion. Catalysts, suitable for long operating times, are not
available yet.

2. From the overal heat balance, it is demonstrated that intensive heat exchange between
feedstock and products is essential, especialy for gasification in supercritical water. This
heat exchange is a non-trivial matter, as the feedstock will already produce decomposition
products like tar and char or coke, while being heated. Non-conventional solutions for the
pump, heat exchanger and reactor, as well as for residual carbon combustion, may be
required to obtain a practical process.

3. When producing SNG from the product gas, the present hydrogen should react with carbon
oxides in amethanation unit. The high pressure of the product gas (300 bar) is favoured for
methanation reactions. In practice, however, this is not proven yet. Although most
impurities are expected to be removed with the agueous phase, resulting in a large waste
water stream, the product gas may still contain some impurities such as sulphur and
chlorine. Additional guard beds might, therefore, be necessary to prevent deactivation of the
methanation catalyst.

4. An integra system anaysis for the production of SNG from glycerol by SCWG was
executed, based on an Aspen Plus equilibrium model. For a catalytic process with complete
carbon conversion, overall SNG yields over 70% could be achieved.

ECN-C--04-081 7



5. Considering the economy of the SCWG process, it seems more redigtic that the
development of the process be based on production of methane-rich gas or SNG, instead of
hydrogen production. Low-temperature gasification will be favoured for SNG production,
compared to high-temperature gasification of biomass, resulting in higher methane
concentrations in the product gas, and a smaller externa methanation unit. Besides, less
external heat will be necessary, to bring the feedstock to the required reactor inlet
temperature, both aspects resulting in lower costs.

6. According to a first rough estimation, the SNG production costs by SCWG process are
relatively high, even when the feedstock would be available for free. Thisis mainly due to
relatively high investment and maintenance costs of this process, compared to other
biomass/waste-related SNG production technologies. An important potential to reduce the
production costs in the SCWG process is the application of wet organic waste streams as
feedstock, with a negative market value. In other words, organic waste treatment can be a
promising application for the SCWG process.

7. The SCWG processisin an early stage of development. Additional R& D will be required at
lab-/pilot-scale for the coming years, followed by a techno-economic evaluation of the
process, with the related go no-go decision towards a demonstration.
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1.  INTRODUCTION

1.1 Background

Within the Dutch sustainable energy policy an important role is foreseen for the application of
biomass and waste. 10% of the total primary energy demand in 2020 has to be fulfilled by
renewabl e energy sources (MEZ, 1995, 1997). About 50% of this policy target has to be realised
by biomass and waste. For the long term (2040) the Dutch Ministry of Economic Affairs has
proposed a Biomass Vision within the Energy Transition activities, declaring that 30% of the
fossl fuels in the power and transportation sectors, and 20-45% of the fossil-based raw
materials in the chemical industry have to be substituted by biomass (MEZ, 2003).

In the short term (< 5 years) biomass will mainly be used for direct and indirect cofiring in
conventional power plants. In the mid term (5-10 years) it is expected, that the technology for
stand-alone decentralised CHP would be mature enough to become an important option.
However, in order to satisfy the long-term (> 10 years) expectations of using biomass in the
future energy infrastructure, this renewable energy source should also be used as a substitute for
fossil fuelsin other market sectors. To realise this, conversion technologies should be devel oped
to produce secondary energy carriers from biomass (such as Fischer-Tropsch diesel, methanol,
bio-ethanol, “Green Gas” (SNG), or Hy), substituting the present conventional energy carriers
based on petroleum and natural gas.

Compared to other biomass conversion routes, the major advantage of the “ Green Gas’ concept
is, that it is a cheap and simple method for large-scale introduction of bio-energy at many
locations, including the small consumers. This is thanks to the existing dense Dutch and
European gas infrastructure. For Europe this will contribute to the security of gas supply, which
will be more and more dependent from import, while for the Netherlands it will save the natural
gas resources for alonger period. Furthermore, “Green Gas’ is easier to transport and store than
electricity or heat. The gas grid losses (<1%) are much less than those of the electricity and hest
distribution networks (4% and 15%). Promising near future applications for “Green Gas’ are co-
generation at household level, and as alternative fuel for transportation (i.e. CNG).

1.2 Problem definition

One of the potentially interesting processes for the production of “Green Gas’ (SNG) is the
supercritical water gasification (SCWG) of relatively wet biomasswaste streams (70-95 wt.%
water). At temperatures and pressures above the critical point of water (T, = 373.95°C, P, =
220.64 bar) there is no distinction between gas phase and liquid phase. Also the behaviour of
water will change considerably at these supercritical conditions, and water will even be
consumed as a reactant. Gasification in hot compressed water converts wet biomass/waste
streams into medium calorific gas, rich in either hydrogen or methane. “ Green Gas’ production
can then be readlised by the integration of SCWG of biomasswaste and methanation/gas
conditioning in one process. This concept is especialy interesting for the transition to a
renewable fuel-based economy, using the existing natural gas infrastructure.

To evaluate the potential of SCWG technology and make a comparison with other SNG

production technologies, it is necessary to carry out a technical and economic analysis of the
technology for this specific application.
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1.3 Objective

The objective of this study is to evaluate the production of “Green Gas’ (SNG) from relatively
wet biomass/waste streams (70-95 wt.% water) by the supercritical (ca. 600°C, 300 bar) water
gasification (SCWG) process.

This project can be considered as a complementary work to an earlier NECST study “Feasibility
of Biomass/Waste-Related SNG Production Technologies’ (Mozaffarian et al., 2003), in which,
based on comparable assumptions, a number of biomass conversion technologies for SNG
production are evaluated.

1.4 Report outline

Chapter 2 gives a review of biomass gasification in sub and supercritical water. Chapter 3
presents the modelling of “Green Gas’ (SNG) production by supercritical gasification of
biomass. The conclusions and recommendation are presented in chapter 4.

10 ECN-C--04-081



2. BIOMASS GASIFICATION IN SUB AND SUPERCRITICAL
WATER: A REVIEW

The literature survey, presented in this chapter, is carried out by the University of Twente
(Kersten, 2003).

2.1 Introduction

Continuing emission of carbon dioxide to the atmosphere is generally accepted to be the largest
cause of globa warming. CO, from fossil fuels combustion is currently held responsible for
over 60% of the enhanced greenhouse effect (UNFCCC, 2002). The ambition to reduce these
emissions has led to worldwide research programs concerned with new and renewable energy
production technologies. Biomass is considered to be a renewable energy source, because,
through biomass, CO, is stored via photosynthesis and released via combustion within a
relatively short cycle and with no net production.

Although wet biomass may have a very low overall heating value, advanced conversion
processes may dill extract products with a high heating value from it. Very wet biomass
(moisture content > 70 wt.%) cannot be converted economically by traditional techniques like
pyrolysis, combustion, and gasification, due to the cost and energy requirement for water
evaporation (2.4 MJKkg at atmospheric conditions). Gasification in hot compressed water is
considered as a promising technigque to convert such wet streams into medium calorific gas, rich
in either hydrogen or methane. In hot compressed water (say P > 200 bar), the heat effects
associated with water evaporation are only margina compared to ambient conditions (DHyqp
becomes zero at P;). Therefore, by practicing countercurrent heat exchange between the feed
stream and the reactor effluent, high thermal efficiencies can be reached despite of the low dry
matter content of the feedstock. Apart from this essential energetic benefit, the unique properties
of hot compressed water are believed to promote ionic reaction pathways over radical routes,
leading to less char formation (Buhler, 2002; Penninger, 1999). Furthermore, it was found that
organic molecules are very reactive in pressurised water at temperatures above 250°C. This
provided a major impetus for the use of hot compressed water as reaction medium for waste
disposal processes.

Roughly speaking, there are two approaches to gasification in hot compressed water in terms of
reaction temperature ranges. In low-temperature catalytic gasification at 350 to 400°C, the
feedstock is gasified with the help of a catalyst into a methane-rich gas. High temperature
supercritical gasification is carried out in the range of 500 to 700°C, with or without catalysis,
and produces primarily hydrogen.

This paper isareview of both technologies. The following items are included:

1. Thehistorical background of the process devel opment.

2. Theoretical aspects of the process regarding the properties of hot compressed water, the
postulated chemistry, and thermodynamics.

3. Ananalysis of reported laboratory and bench scale results with respect to the influence of
the operating conditions, the catalysis applied, and mutual consistency.

4. Process data such as: feedstock specifications, mass balance, contamination level of the

effluent water, and costs.

The status of the running pilot plant projects.

An overal assessment of the process plus a comparison with fermentation, being an

aternative process for the conversion of wet biomass.

o o
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2.2  Short historical background

Already in 1978 biomass was proposed as a potential feedstock for hydrogen production (Antd,
1978):
CsH1005 + 7TH,O ® 6CO, + 12H, (2-1)

In thisidealised stoichiometric equation, cellulose (represented as CgH100s) reacts with water to
produce hydrogen and carbon dioxide, mimicking the commercial manufacture of hydrogen
from methane by catalytic steam reforming (Van Hook, 1980; Xu, 1989a; Xu, 1989b; Wagner,
1992). Antal reported detailed thermochemical equilibrium predictions concerning this reaction
at ambient pressure. Temperatures above 600°C were predicted to leave no solid carbon product
and produce agasrich in Hy, CH,4, CO, and CO,. At the same time, studies were reported of the
reaction kinetics of cellulose pyrolysis in steam. The presence of steam showed little or no
measurable effect on the pyrolysis reactions (Antal, 1978; Antal, 1980; Mok, 1983a Mok,
1983b). Moreover, it was found that biomass did not react directly with steam at atmospheric
pressure to produce the desired products. Instead, significant amounts of tar and char were
formed, and the gas contained higher hydrocarbons in addition to the desired light gases (Antal,
1980; Antal, 1982; Antal, 1983a; Antal, 1985a; Antal, 1985b). The later work of Corellaand his
co-workers (Herguido, 1992) till illustrates these obstacles for conversion to gases. In afluid
bed operating at atmospheric pressure Corella s group observed char yields of 10 to 20 wt.%
from the steam gasification of wood sawdust, and yields of tar decreasing to 4 wt.% as the
temperature of the bed increased from 650 to 775°C. Unfortunately, even at the highest
temperature only 80% of the carbon in the feedstock was converted to gas (Antal, 1978; Antal,
1980; Mok, 1983a; Mok, 1983b). By employing a secondary, fluidised bed of calcined dolomite
operating at 800 to 875°C, Corella and his co-workers (Delgado, 1997) were able to convert
amost al the tar to gas. Nevertheless, the char byproduct remained unconverted. Any
production of char represents an effective loss of gas. Many other workers have reported similar
results (Bridgwater, 1995). Thus, the formation of pyrolytic char and tar during gasification sets
limits on the efficient production of hydrogen from biomass by steam reforming at low pressure.

A possible way to overcome these problems was presented in 1985, when Modell (Modéll,
1985) described experiments involving the quick immersion of maple wood sawdust in
supercritical water (SCWG). The sawdust quickly decomposed to tars and some gas without the
formation of char. This paper set off the research on gasification of biomass in supercritical
water. Since then, researchers of Hawaii University, Forsungszentrum Karsruhe (FzK), Osaka
Gas, NIRE, Hiroshima University, BTG and the UT, have explored the process constantly on
laboratory scale. By employing a carbonaceous catalyst at temperatures above 600°C and
pressures in excess of the critical pressure, complete gasification of a 22 wt.% glucose solution
(Xu, 1996a) and a 14 wt.% sawdust emulsion has been achieved (Xu, 1998). Nevertheless,
carbon is perceived to be an unlikely and will probably not be the catalyst finally selected for
the process. Recently two, so far non-cataytic, pilot-scale demonstration plants have been
erected and started-up by the University of Twente and FzK.

Research conducted in the early eighties on biomass gasification mechanisms suggested that the
combined advantage of a high-pressure environment and a metal catalyst could compensate in
the slow reaction kinetics found for operation at lower temperatures (Elliott, 1985). Ideal
gasification of a cellulose-based material in pressurised water at low temperatures can be
described by:

CeH1005 + HO ® 3CO, + 3CH, (2-2)

In autoclaves, at 210 bar and subcritical temperature (350°C), near-total conversion of the
complex organic structure of biomass to gas was accomplished in the presence of a ruthenium
metal catalyst. The gas produced was a medium-heating-value (high excluding CO,) gas due to
the synthesis of important levels of methane, as dictated by thermodynamic equilibrium
calculations. This type of processing, called the Battelle concept (Elliott, 19944), has been aso
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accomplished at bench-scale in continuous-flow reactor systems in the mid nineties. More
recent results with improved catalyst formulations have provided a basis to move the process
development forward from the bench-scale to a scaled-up reactor system operated at 6-33 litres
per hour (Elliott, 1999). Tests with this pilot facility processing waste water streams showed that
this process could be used effectively to clean the waste water and to recover the combustion
value of the organic waste in the form of useful fuel gas.

2.3 Theory

2.3.1 Supercritical and near supercritical water

The behaviour of water above and near the critical point (T, = 373.946°C, P, = 220.640 bar) has
been studied extensively (Shaw, 1991; Franch, 1987). In fact, a relevant physical properties
have been determined experimentally and are tabulated (NIST). Here only the properties, which
have been associated with hot compressed water as a new reaction medium, are discussed.

1. The didectric constant of supercritical water is in the range of 2 to 30 (e, = 80 for water at
ambient conditions). This range covers solvents from hexane (non-polar) to methanol
(polar). The reduced dielectric constant combined with a considerably diminished number
of hydrogen bonds causes that hot compressed water behaves like an organic solvent. For
many organic compounds high solubilities can be achieved in near critical water and
complete miscibility can be attained in supercritical water. Moreover, gases are also
completely miscible in supercritical water. On the other hand, salts will hardly dissolve in
supercritical water, because of the low dielectric constant.

2. Inthe vicinity of the critical point, the ion-product can be as high as 10™. As aresuilt, the
H*-ion concentration is about thirty times higher than at ambient conditions. This indicates
that, near the critical point, water possesses the properties of an acid / base catalyst. In the
high-temperature range of the supercritical region, the ion-product decreases again to very
low vaues. In fact, K, is about 9 orders of magnitude lower at 600°C and 250 bar than at
ambient conditions.

3. Dueto itslow density and viscosity and high diffusibility, supercritical water has excellent
trangport characteristics.

4. A dight change in pressure or temperature can generate a huge change in the physica
properties. This facilitates fast control over the properties, allowing a“ switching” operation
mode.

2.3.2 Chemistry

Because of the miscibility of organic compounds and gases in supercritical water, there is an
opportunity to conduct chemistry in a single phase that otherwise would have to occur in a
multiphase system. This has severa advantages, viz. there are no inter-phase mass transfer
limitations reducing the reaction rates, and higher concentrations of reactants can be attained.

It has been found that the strong dissociation of water near the critical point generates a
sufficiently high H'-concentration for acid-catalysed organic reactions to proceed without any
added acid (Penninger, 1999; Penninger, 1988; Xu, 1997a; Savage, 1999). Severa studies have
been conducted in order to unravel such ionic mechanisms for the conversion of biomass
derived components in supercritical water (Antal, 1988; Adschiri, 1993; Sakaki, 1996;
Kabyemela, 1998; Kabyemela, 1997; Kabyemela, 1999). Some proofs have been presented that,
indeed, near the critical point, ionic chemistry is more dominant than radical chemistry (Buhler,
2002; Kabyemela, 1998; Kabyemela, 1997; Kabyemela, 1999). In addition, parts of the reaction
network of the decomposition of model compounds in hot compressed water have been
elucidated. However, a reaction scheme provided with rate eguations, useful for reactor
engineering purposes, is not yet available.

ECN-C--04-081 13



No studies were found that report on mechanistic investigations of biomass gasification in hot
compressed water in the high-temperature regime. Although it seems plausible that, due to the
higher temperature and the impossibility of hydrolysis, as a result of the very low K, radical
reactions (pyrolysis and cracking) control the chemistry (E; » 150 kJmole for pyrolysis
(Wagenaar, 1994)).

2.3.3 |Interpretation of the results with global models

Exact modelling of complex reaction systems is only possible when the sequence and
accompanying kinetic expressions of all elementary steps are known. For the reaction system
under consideration this is not yet possible. As a result, any derived kinetic expression is
phenomenological, lacks mechanistic meaning, and cannot be extrapolated outside the
experimental conditions used. To correlate gasification experiments of biomass in sub- and
supercritical water, two methods have been proposed in the literature, viz. the “reaction
severity” concept and the “two competing reactions’ concept. Both concepts combine the
effects of different operating variables into single parameters and express the possible
equivalence of the individual operating variables. In this paper, both approaches are applied to
correlate the reported results of gasification experiments in hot compressed water with
temperature, pressure, the weight fraction of biomass in the feed, and the reaction time as the
main operating variables.

The severity concept originates from the oil industry where the conversion of oil cracking is
described, for a given installation and feedstock, with a severity parameter regrouping reaction
temperature and residence time as the most important operating variables (Geniesse, 1930).
Antal (Antal, 1983b) argued that the yield of gases evolved by biomass decomposition reactions
could not be described with the severity function. This was concluded mainly because he found
that the conversion asymptote is explicitly temperature dependent, which is dissimilar from the
behaviour of hydrocarbons for which the severity concept was originally developed. Antal
suggested to use a lumped reaction scheme to describe and to interpret the results (see Figure 2-

D. permanent gas (ry

permanent gas (roy)

p Volatiles(riy
\ \A volatiles/organics/char (22
Char (I’1,3)

Biomass

Figure 2-1 Lumped reaction path scheme for gasification of biomassin supercritical water
(SCWG).

After applying both the “severity” and the “competing reaction” approach to their experimental
data, Van Swaaij et al. (Van Swaaij, 2003) concluded that it is not possible to distinguish
between the two types of interpretation models with respect to their predictive capacity.

2.3.4 Thermodynamics

Because there is no mechanistic reaction path model available, equilibrium calculations have
been used in this paper to produce theoretical results for comparison with experimental results.
These calculations may not have much quantitative value in case of non-catalytic gasification,
as experimental evidence shows that the product distribution is far from equilibrium. However,
it was found that by employing a suitable catalyst the products approach equilibrium, and that
for both catalytic and non-catalytic experiments the observed trends are predicted correctly. The
thermodynamic calculations included in this paper were done with an in-house model based on
Gibbs free energy minimisation. Details concerning the model can be found in (Kersten, 2002;
Kyle, 1999). For the results presented bel ow, CgH;,0¢ Was supposed to represent biomass.
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Figure 2-2 Results of equilibrium calculations for low-temperature and high-temperature
gasification of CgH1,0g in hot compressed water

Complete gasification of the organic feedstock is thermodynamically possible for both the
proposed low-temperature and high-temperature gasification processes. Actualy, dry matter
concentrations of up to 50 wt.% do not have thermodynamic or stoichiometric limitations (see
Figure 2-2a) regarding the conversion. Thermodynamics predicts that high-temperature
gasification of e.g. cellulose produces a hydrogen-rich gas (at least for dry matter contents of
less than 10 wt.%), while low-temperature gasification produces a methane-rich gas (see Figures
2-2b & 2-2c). This shift in the product distribution is also observed experimentally (Sinag,
2003). For low-temperature gasification, the content of dry matter in the feed does not influence
the product distribution to a large extent; beyond 5 wt.% the yields are almost unaffected (see
Figure 2-2b). On the contrary, at higher temperatures there is a continuous varying product
distribution ranging from nearly pure hydrogen for very low weight percentages dry matter to
so-called HY THENE gas (ca. 50% hydrogen & 50% methane) for high-organic fractions in the
feed. Once above 150 bar, the operating pressure does not influence the product distribution to a
large extent (see Figures 2-2d & 2-2€). It isinteresting to note that, from a thermodynamic point
of view, high-temperature gasification should be operated at the lowest pressure possible to
achieve maximal hydrogen yields (see Figure 2-2€). Hence, the 300 bar operation pressure
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chosen in practice, is because of energy balance and kinetic considerations. Figure 2-2f shows
that, according to thermodynamics, there is a strong shift from methane towards hydrogen and
carbon monoxide while increasing the temperature. Methane-rich gas can be produced up to
temperatures of ca. 500°C, higher temperatures favour the production of hydrogen.

Heat exchange
Although it has been suggested sometimes (Antal, 1993) that supercritical water properties

would be beneficial for the gasification reaction, experiments at high temperature (T > 550°C)
have shown little influence of the pressure on either the carbon conversion degree, or the
product yield and distribution (see below). As explained before, the justification for process
development of SCWG isto create an opportunity for the treatment of organic residuesin water
like for instance food processing residues and fermentation residues. In that respect, it is crucial
for the process that the heat content of the reactor effluent is utilised as far as possible to pre-
heat the feedstock stream (mainly water) to reaction conditions, at least for high-temperature
gasification of a feedstock with a low organic matter content. However, evaporation and re-
condensation of the water is not practical because the corresponding huge heat of evaporation
effects at nearly isothermal and isobaric conditions cannot be dealt with easily. Heating of the
feedstock stream to the desired gasification temperatures without such evaporation, requires
operation at high pressures. This is the true incentive of the high pressures involved in wet
gasification. The efficiency of heat exchange in relation to the applied pressure can be
calculated from the heat balance for a counter-current shell-tube heat exchanger. The result is
presented in the underneath diagram, in which the heat-exchanger efficiency is plotted as
function of the operating pressure.

Figure 2-3 shows that, eventually, the maximal efficiency for a heat exchanger with infinite
surface area becomes 100% when the supercritical pressureis passed. The diagram also shows

critical pressure

1.0+ (infinite)
| (100)
(50) Available area
per unit mass throughput
(25) m?(kg/s)
w (10)
T
<
0.2
0.1+
0.0 T T T T T T T T T T T T T 1
0 50 100 150 200 250 300 350

pressure [bar]

Figure 2-3 The efficiency of a water-water counter-current heat exchanger plotted versusthe
operating pressure for different surface areas, Aue: (nf) per unit throughput (kg/s).
The flow rates (kg/s) on both sides were assumed to be equal in the calculations. U
= 1000 W/(n12.K), Thot,in = 600 OC, Tcold,in = 250C
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that below the critical pressure, the maximal efficiency decreases very rapidly. However, for
practical heat exchangers with finite dimensions this drop is less severe. In practice, a hundred
percent transfer of the available heat in the reactor effluent to the feedstock stream is
impossible. In fact, efficiencies of ca. 75% are typical for liquid-liquid shell and tube heat
exchangers (Woods, 1995). For such efficiency the operating pressure should be ca. 180 bar in
case of 50 m? per kg/s throughput or 300 bar in case of 25 m? per kg/s throughput (Figure 2-3).

2.4  Laboratory-scale results

In this section, all reported results of gasification experiments in hot compressed water on
laboratory scale are listed. These data will be interpreted with respect to the influences of the
operating conditions, the catalysis applied, and mutual consistency.

2.4.1 Used reactor systems & interpretation of the results

Table A-I (see Appendix A) summarises the properties of all used reactors on laboratory scale.
Every reactor used so far was constructed from metal. Batch and continuous reactors were
employed. Batch tests were performed in autoclaves and for continuous experiments stirred
vessels, laminar-flow reactors, and fixed beds were applied.

High-temperature gasification

For meaningful interpretation of gasification experiments it is essential that the experimental
conditions are constant with respect to space and time during each experimental run. This
cannot be achieved in conventional autoclaves as used by Kruse (Kruse, 2003a; Kruse, 1999),
because the heating time is large compared to the reaction time (see below). As a result there is
a simultaneous heating and reaction trajectory, which makes interpretation of the results
difficult, if not impossible. Kruse and co-workers (Kruse, 2003a) solved this problem by
injecting cold biomass into an autoclave at reaction temperature.

Nearly, al used flow reactors were derived from the ones designed by Antal and co-workers
(Yu, 1993a). The flow reactors, used to study high-temperature gasification, consisted of a
heating zone, an empty tube and, if present, a fixed catalytic bed. In the empty tube, the
Reynolds number was in the range of 100 to 200, leading to laminar flow. Re-calculation of the
applied Peclet number learned that the actual flow regime in this section approached plug-flow
(Pe was always higher than 20). In each reactor segment, the temperature was different during
the experiments. In fact, the peak temperature in the heating section was sometimes more than
one hundred degrees higher than in the catalytic bed. In each section the residence time was in
the range of 5 to 50 seconds. Next to this, it turned out that catalytic effects obscured the results
(see below). Hence, also the data obtained in the flow reactors are not easy to interpret.

A continuous stirred tank reactor was used for the investigation of biomass conversion in
supercritical water by Kruse et al. (Sinag, 2003; Kruse, 2003a; Kruse, 2003b). Cold feedstock
was supplied continuoudly into the reactor by the screw press, and rapidly heated, by mixing,
with the hot content of the reactor.

Potic et al. (Potic) developed a novel high-throughput screening technique, which allows quick
and save experimentation with thermochemical conversion reactions of wet feedstock at severe
operating conditions in a non-catalytic environment. In this technique, small sealed quartz
capillaries (ID = 1 mm) filled with biomass or model compounds in water, are heated rapidly in
a fluidised bed to the desired reaction temperature. The reaction pressure can be accurately
controlled by the initial amount of solution in the capillary. After a certain contact time, the
capillaries are lifted out of the fluidised bed, rapidly quenched and destroyed to collect the
produced gases for GC analysis.
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Low-temperature gasification

In the early stage of the development of catalytic low-temperature gasification the Batelle
researchers used conventional autoclaves (Elliott, 1993a; Elliott, 1994b). Further continuous
studies were performed in fixed-bed reactors with a maximum throughput of ca. 30 I/h (Elliott,

19943).

Inter pretation
The conversion of carbon in biomass to carbon in permanent gases (carbon conversion = X.)

was often chosen as the main process qualifier for gasification in hot compressed water (Hao,
2003; Lee, 2002; Antal, 2000), because it indicates the distribution of carbon over the desired
products (permanent gases) and the undesired product (liquids and polymers). This approach
has been adopted for this paper. X. is defined by:

_ number of ¢ atomsin the produced permanent gas
number of ¢ atomsin the feedstock

X

(2-3)

C

Beside the carbon conversion, also data concerning the product gas distribution are presented in
this paper.

2.4.2 Results of non-catalytic experiments

The reported results of non-catalytic gasification experiments are summarised in Table B-1 as
presented in appendix B. As can be seen, predominently high-temperature results (SCWG) are
available for non-catalytic gasification. Gasification experiments were performed with model
compounds, more realistic biomass and waste streams. In general, it can be concluded that all
experimental results are difficult to interpret due to wall-catalytic effects, non-uniform reactor
temperature, and other reasons discussed above. In line with that, it appeared that the results are
scattered, and that mutual comparison is difficult, if not impossible.

For instance, Antal et al. (Yu, 19933) reported results of gasification experiments, conducted
under the same conditions, but using different metals for the construction of the reactor. The
type of metal influenced the product distribution and the gasification efficiency considerably
(see Table 2-1). Van Swaaij et al. (Van Swaaij, 2003) found that, compared to metal reactors,
the results from quartz reactors showed lower gasification efficiencies at identical process
conditions. These findings indicate that the results from metal reactors are obscured by catalytic
activity. This catalytic activity is not understood, and cannot be scaled to large-scale reactors,
because of the large area over volume ratios of the small [aboratory equipment used.

Table2-1 Influence of the reactor material on the carbon conversion (X, %) as reported by
Antal and co-workers (Yu, 1993a)

Reactor material
Inconel Corroded Hastelloy New Hastelloy
Feedstock X [%] X [%0] X [%0]
Glucose (3.6 wt.%) 82 86 89
Glucose (12.8 wt.%) 63 n.a 82
Acetic acid (3.6 wt.%) 14 53 10

Despite the interpretation problems related to the published data, the reported non-catalytic
results are still indicative for the process. Table 2-2 shows some typical results of gasification
experiments conducted at the proposed conditions for SCWG. At temperatures as low as 450°C
it appeared to be possible to achieve nearly complete conversion of model compound and
biomass solutions with a very low dry matter content (< 2 wt.%). For cellulose derivates, like
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glucose, high conversions were reported up to 5 wt.% solutions. High concentrations of model
compounds and realistic biomass streams could only be converted partly (say from 50 to 70%).

Table2-2 Typical reported results of SCWG for low, medium and high concentrations dry
matter in the feedstock

c<2wt% 2<c<10wt.% c>10wt.%

Reference (Holgate, (Yu, (Kruse, (Hao, (Xu, (Kruse, (Yu, (Xu,

1995) 1993a) 1999) 2003) 1996a) 20033) 1993a) 1996a)
Feedstock glucose glucose wood glucose formicacid baby food glucose  glucose
Conc.,wt%  0.01 18 1 7.2 2.8 54 144 22
P, bar 246 345 350 250 345 300 345 345
T,°C 600 600 450 650 600 500 600 600
Reactor FR SCCFR3 Batch 111 SCFR-9mm SCCFR3 SCTR SCCFR3 SCFR1
Restime, s 6 A 7200 210 A 300 A A
X 100 0 91.8 89.6 93 60 63 80
Gas composition
H, 61.3 61.6 28.9 215 49.2 44 25 11
CO, 36.8 29 484 35.5 48.1 41 16.6 5.7
CcO - 2 33 183 17 04 416 62.3
CH, 18 7.2 19 158 1 14.6 16.7 16.5
Co3 - - 53 - - 45

In general, the product gas consisted of H,, CO, CO,, CH, and Cy-components. The used
laboratory Inconel reactors showed enough catalytic activity to achieve water-gas-shift
equilibrium (low CO concentrations). Hastelloy reactors did not show shift activity, as a result
of which considerable amounts of CO were present in the product gas. In practice, CO can be
shifted easily towards H, by addition of small amounts of Na or K salts (Kruse, 1999). In case
of incomplete conversion, condensable liquids (tars) and macro-molecules were found as
reaction products next to gas. For model compounds the nature of these macro-molecules has
not been identified, whereas the solid residue of wood SCWG is clearly char (Van Swaaij,
2003). The ratio between tars and macro-molecules is not known. Contrary to dry gasification,
in case of wet gasification tars and particulates are present in the liquid phase, leaving the
gaseous product essentially clean. As mentioned before, a problem of general nature in SCWG
is the required heat exchange between the reactor outlet and inlet streams. Heating of the
biomass slurry in the heat exchanger and reactor is likely to cause fouling/plugging problems,
because of the produced oily molecules (tars) and, more seriously, polymers (char).

Table 2-3 shows a comparison of gasification results of 10 wt.% model compounds, lignin and
real wood at 600 and 750°C. These results were obtained in quartz capillary reactors (Van
Swaaij, 2003). Clearly, at identical conditions the conversion of wood and lignin is much less
than of model compounds. This result was also found by Xu and Antal (Xu, 1998; Antal, 2000;
Xu, 1997b).

In separate quartz capillary experiments wood-char was gasified in supercritical water (Van
Swaaij, 2003). It was found that wood-char could not be gasified completely under supercritical
conditions, in spite of the applied high temperature. In fact, a conversion degree of 15% was
reached asymptotically within ca. 30 minutes reaction time, after which no further conversion
could be noticed. This result indicates that, in a practical process, once formed, it is impossible
to convert char by heterogeneous gasification reactions only. For this oxygen is required.

To conclude, the results described in this section underline the need for catalysis in order to
achieve high conversions and point towards an integrated heat exchanger/reactor concept using
fluidised bed technology to deal with the carbonaceous by-product, the ashes and fouling.
Meaningful conclusions regarding chemical pathways, mechanisms and kinetics cannot be
drawn on basis of reported results. To clarify these items, future work should be done in
reactors, which can operate under well-defined operating conditions, and with walls that do not
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show catalytic activity. The work done hitherto should be regarded as pioneering and scanning;
nevertheless, it shows the potential of gasification of biomass and waste streams in supercritical
water.

Table 2-3 Comparison of gasification results of 10 wt.% glucose, lignin and wood at 600 and
750 °C as presented by van Swaaij et al. (Van Swaaij, 2003). The measurements
werein quartz capillaries

10 wt.%, 300 bar

Yield(g/g biomass) Glucose Lignin Wood

600°C 750°C 600°C 750°C 600°C 750°C
H, 0.006 0.02 0.002 0.017 0.005 0.017
CH, 0.029 0.08 0.078 0.240 0.071 0.145
CO 0.319 0.38 0.091 0.028 0.119 0.022
CO; 0.093 0.24 0.144 0.490 034 0.614
CoHy 0.005 0.00 0.008 0.001 0.003 0.001
C:He 0.017 0.04 0.041 0.012 0.028 0.013
CsHs 0.009 0.00 0.012 0.000 0.005 0.000
CsHs 0.003 0.00 0.015 0.000 0.010 0.000
X 0.53 0.80 0.33 0.55 0.47 0.59

Effects of the operating conditions

Only for glucose enough data are available to allow the identification of the influence of the
operating conditions. In case of other model compounds and real biomass the number of
published data pointsis too limited for this purpose.

Reactor temperature

Next to the reactor temperature, other parameters like the weight percent of organic material in
the feed and the residence time aso have a strong influence on the actual degree of conversion.
However, for non-catalytic gasification in hot compressed water, a minimal reactor temperature
of 550°C seems to be a necessary process condition to obtain conversions of eighty percent or
higher, irrespective of all other process variables. Figure 2-4a shows the found conversion data
of glucose versus the reactor temperature. As mentioned before, these data should be handled
with care, as the actual reactor temperature was often not defined. The published data show that
with increasing temperature, the composition of the product gas shifts from a mixture of
methane, hydrogen and carbon monoxide to a hydrogen-rich gas (see Figure 2-4b).
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Figure 2-4 Reported experimental SCWG results for glucose. a) X. versus the reactor

temperature (all reported glucose data are plotted, see Table B-I, Appendix B), b)
product composition versus the reactor temperature (Lee, 2002)
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Organic matter content in the feed

Antal and co-workers (Yu, 1993a) showed that as the feed concentration of glucose in water
increases from about 1 wt.% up to 13 wt.%, hydrogen and carbon dioxide yields decrease
significantly while the hydrocarbon and carbon monoxide yield increases (see Figure 2-5).
Consequently, the composition of the product-gas shifts from H, & CO, at low concentrations to
CH, & CO at high concentrations. This trend is partly predicted by chemica equilibrium
caculations. In addition to the change in product distribution, the gasification efficiency
dropped considerably when increasing the concentration (see Figure 2-5).
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Figure 2-5 Product composition and carbon conversion versus the dry matter content in the feed
(Yu, 1993a)

Residence time

Van Swaaij et al. (Van Swaaij, 2003) showed, on basis of a series of experiments in quartz
capillaries, that after 30 seconds at 600°C, the carbon conversion and the product distribution
reached their asymptotic vaue. This implies a reasonable high intrinsic reaction rate. At 750°C,
aresidence time of only ca. 10 seconds turned out to be sufficient.

Effect of the pressure
Although it has been suggested that supercritical water properties would be beneficial for the
gasification reactions, experiments performed in capillaries showed that, without catalysis, the

pressure has no influence on the carbon efficiency, or product yield and distribution (see Figure
2-6).
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Figure 2-6 a) Influence of pressure on the gas yields (1.8 wt.% of glucose at 700 °C), b)
influence of pressure on the carbon efficiency for different components. The data
were obtained by a series of capillary experiments as described by Van Swaaij et al.
(Van Swaaij, 2003)

Glucose data interpreted with global models

Figure 2-7 shows parity plots of measured versus calculated carbon conversions of glucose for
different global interpretation models. All reported glucose data were included in the analysis.
Figure 2-7a shows results of the severity approach, Figure 2-7b&8c of the two competing
reactions concept for respectively a 1% order and a 2™ order sequential polymerisation reaction
of the produced volatiles (r,,, see Figure 2-1). Here only results for ethanol are presented; the
other model compounds showed similar behaviour. The comparison between the measured and
predicted carbon conversions has shown that none of the used interpretation methods provides
accurate quantitative predictions, especially in the high conversion regime. However, they do
predict trends, and an indication can be obtained whether the conversion is low (X < 40%),
medium (40% < X. < 70%) or high (X > 70%). It was not possible to distinguish between the
considered interpretation methods with respect to the predictive capacity — when including the
experimental error in the analysis they all gave the same fit. Furthermore, it is mentioned here
again that the used interpretation models are pheno-menological, and therefore cannot be
extrapolated outside the experimental conditions used, including the experimental set-up.
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24.3 Catalyticresults

Low-temperature gasification — The Battelle concept

It was found that through the use of a metal catalyst, biomass gasification could be
accomplished with high levels of carbon conversion to gas at relatively low temperatures
(Kruse, 1999; Park, 2003). The Battelle concept (Sealock, 1991; Elliott, 1997) was developed in
early research on biomass gasification mechanisms. Batch tests suggested that the advantage of
the high-pressure environment with a metal catalyst could compensate for the slow reaction
kinetics for operation at lower temperatures (Elliott, 1985). Further studies showed that biomass
durries could be processed in continuous-flow reactors at low-temperature gasification
conditions and till achieve high-conversion at reasonable processing rates (Elliott, 1993b;
Elliott, 1993c). More recent results with improved catalyst formulations, as presented below,
provided a basis to move the processing forward from the bench-scale to a scaled-up reactor
system operated at 6-30 litres per hour.

Previous research in low-temperature gasification has shown that new catalyst formulations are
required for the pressurised water environment. Only a limited range of catalytic metals can be
used in the process because of the oxidation of the metal components in the hot-water
environment (Elliott, 1993d). In addition, conventiona catalyst support materials, such as silica
and alumina are also severely degraded in this reaction environment.

New catalyst formulations for low-temperature gasification include combinations of stable
metals, such as ruthenium or nickel bimetallics and stable supports, such as certain titania,
zirconia, or carbon. For example, the ruthenium on rutile titania extrudate is particularly
valuable in this process (Elliott, 2001). The ruthenium is easily reduced to its active form and
maintains its activity for long periods of operation. The rutile form of titania is the stable
crystalline form of titania at these reaction conditions. Although rutile is the crystalline phase
with lower surface area (~45 m?/g), active catalysts with up to 3 wt.% ruthenium can be
synthesised. Catalysts with up to 7 wt.% ruthenium on carbon extrudates have also been shown
to be valuable in this processing environment.

Batch results

The feedstocks tested included residues from biorefinery-type operations in which useful
components, such as starch or hemicellulose were first recovered from the biomass and the
residue was then processed in the low-temperature gasification. The obtained results for 10
wt.% dry solids slurries, processed for 4 hours at respectively 350°C, 370°C, and 400°C, are
shown in Figure 2-8 (Matsumura). The batch reactor test results showed arange of reactivity of
the feedstocks in the presence of the various catalysts. Without catalyst, the gasification is
limited. The ruthenium on titania catalyst (with much lower metal loading) appeared to exhibit
much lower activity relative to the ruthenium on carbon catalyst, though direct comparison on
the same feedstock is not available. Considering the experimental variability, the two stabilised
nickel catalysts appear to be nearly equivalent, at a level of activity intermediate to the two
ruthenium catalysts. The comparison of the several feedstocks using the Ru/Ni catalyst shows
the highest reactivity with the manure solids followed by the lightly processed grains. The more
severely processed lignocellulosic feedstocks showed lower activity as a group. The effect of
temperature is obvious, but there is no dramatic effect noticeable at the supercritical point of
water (374°C).
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Figure 2-8 Low-temperature gasification results with different biomass feedstocks and catalysts

(Matsumura)
Detailed feedstock description

WSU manure #2 = dairy cattle manure solids recovered by screening at Washington State University, Pullman, Washington

deStarched Corn Fiber = corn fiber from Archer Daniels Midland Company, Decatur, linois, corn wet mill, processed with hot
water at PNNL (Pacific Northwest National Laboratory)

deStarched Millfeed = wheat millfeed from Pendleton Flour Mills, Pendleton, Oregon, processed with hot water at PNNL
DDG, MGP = Distiller’ s Dried Grain from Midwest Grain Products, Atchison, Kansas

NREL SSF resid = simultaneous saccharification and ethanol fermentation residue from corn stover from the Nationa
Renewable Energy L aboratory, Golden, Colorado

washed TVA resid = acid hydrolysis of wood residue from the Tennessee Valley Authority, Muscle Shoals, Alabama, washed
with water at PNNL

BCI wood resid = residue from ethanol fermentation of hydrolysed wood from BCI Jennings, Louisiana

Continuous results

Bench-scale processing in a continuous-flow reactor was aso accomplished (Matsumura). The
bench-scale reactor system included a combination of a continuous-flow stirred tank (CSTR)
serving as a preheater and a tubular reactor with a fixed catalyst bed. Results for manure solids
processing (3.5% dry solids content) at 350°C and 21 MPa with a Ni and Ru combined catalyst
bed are shown in Figure 2-9. High conversion of organics to a gas with a high level of methane
was noted for arange of space velocities. At aLiquid Hourly Space Velocity (LHSV = litre feed
slurry/ litre catalyst / hr) of 2.1, the Chemical Oxygen Demand (COD)* was reduced from
47,000 ppm in the feed durry to 143 ppm in the effluent. Many other compounds were tested
according to the publications (Sealock, 1996), however no performance data were given.

Looking at the reported results, the catalytic low-temperature gasification process can be
regarded as promising. It provides the opportunity to produce a pressurised methane-rich gas at
relatively low temperatures. Catalyst development for the low-temperature process has made
rapid progress. Although, no work has been done on the design of a practical reactor system that
can cope with processing slurries and incomplete conversion. A cyclic “FCC-like” system with
gasification on one side and carbon burn-off on the other might be a suitable reactor.

! The equivalent amount of oxygen needed to breakdown organic matter under strong oxidising agents.
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Figure 2-9 Low-temperature gasification of manure in a continuous set-up. COD conversion,
carbon conversion and the fraction of methane in the product gas are plotted versus
the LHSV (Liquid Hourly Space Vel ocity)

Comparison with fermentation

Fermentation is another conversion route for the production of methane-rich gas from wet
biomass and it is, contrary to the SCWG process, a proven technology. Table 2-4 shows a
comparison between fermentation and wet gasification regarding relevant process qualifiers
such as the required reactor size, robustness, and the gas quality.

Table 2-4 Comparison between fermentation and wet gasification

Fermentation Gadsification in hot compressed water

Reactor size Large reactors are required due to Conventional fluid bed technology
(investment costs) low reaction rates
Robustness Bacteria cannot handle all For aFB concept with catalyst

feedstock and can loose activity as regeneration no problems are

aresult of poisoning expected
Gasquality Clean gas Clean gas
Nearly pure CH,4 = H,/CO, mixture

=  CH4/CO, mixture

Looking at Table 2-4, only with respect to gas quality fermentation is dightly favoured over
gasification in hot compressed water. However, this cannot compensate for the large reactors
required and the low robustness of the fermentation process. Especially when considering that
CO, can be easily extracted, e.g. by means of commercially available pressure swing
absorption, from the product gas of SCWG.

High-temperature gasification

University of Hawaii was the first to run the supercritical water gasification experiment at high
temperatures of 500-600°C, using model compounds. They intended to conduct gasification of
biomass without catalyst using metal tubing reactors. However, what they found, using glucose
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as feedstock, was that gasification efficiency was affected by the reactor wall material (Yu,
1993b). Later, this finding was supported by Lee et al. (Lee, 1999). They pretreated the reactor
with sodium chloride to obtain catalytic effect from the wall. They aso measured the
temperature distribution along the reactor, and found that at lower temperatures exothermic
reaction takes place all along the reactor, while when reaction temperature is high, front half of
the reactor shows endothermic behaviour while latter half shows exothermic one.

Researchers in University of Hawaii then employed carbonaceous catalysts to attain complete
gasification of 20 wt.% of glucose solution. They also gasified single chemical compounds
such as acetic acid, phenol, benzene, methanol, and glycerol (Xu, 1996b). Table 2-5 gives afew
typically examples of catalysed high-temperature gasification tests. In Table C-I (see Appendix
C) d reported catalytic high-temperature results are listed.

Table2-5 Typical reported results of catalysed high-temperature SCWG

Reference (Kruse, 1999)  (Kruse, 2000) (Xu, 1998) (Garcia, 1997) (Antal, 2000)
glucose pyrocatechol Corn starch Poplar wood sawdust Potato waste

Feedstock 18 6.6 104 22.6 134

Conc., wt.%

P, bar 310 300 280 280 280

T,°C 600 700 650 650 719

Catalyst KoCOs KOH Coconut shell Coconut shell activated Coconut shell

activated carbon carbon activated carbon

Reactor Tubular Tubular SCFR3 SCFR2 SCFR4
reactor | reactor |1

Res. time, s 138 60 16452 5940 2088

Xe 97 99 102 74 79

Gas comp.

H, 28 53.3 39 26 32

CO, 67 34.7 42 45 44

CcO 0.2 1 1 5.2 1

CH, 23 8.6 19 17 21

Co3 - 24 - 33 -

Although complete gasification is not aways possible, carbonaceous catalysts were found

effective for all compounds tested. Despite the successful use of coconut shell activated coal as

acatalyst on laboratory scale, it will probably not be the catalyst finally selected for the process.

This has several reasons:

1. The catalytic activity of coa is not understood making scale-up of the laboratory
experiments difficult.

2. Therate of coa gasification in SCW is slow but certainly not zero, leading to consumption
of the catalyst.

3. The catalysts developed for low-temperature gasification seem to be more promising and
also, with minor adjustments, applicable for high-temperature gasification.

2.5 Status of pilot-plant projects

SCWG is in an early stage of development. Due to its potential with respect to possible
conversion of waste materials to a valuable gas, the laboratory research is developing rapidly. It
is encouraging to see how the various research groups in the world are collaborating. However,
large-scale commercial installations do not exist yet.

The gap between small-scale testing in laboratories to practical demonstration of a new process

isusually bridged by experimentation with a number of pilot plants differing in scale. At present
there are two pilot plants being operated in the world:
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o Thelargest plant, in operation since the beginning of 2003, is the one of Forschungszentrum
Karlsruhe (FzK) in Germany (Boukis, 2002). It has a design capacity of 100 I/hr, and was
built to demonstrate supercritical gasification of wet residues from wine production.

o EU subsidies plus a grant awarded by the Japanese NEDO enabled the construction of a
well-equipped process development unit (PDU) in Enschede, The Netherlands (Potic,
2002), with a maximum throughput capacity of 30 I/hr. BTG Biomass Technology Group
bv has been responsible for the technical realisation and start-up of this small pilot plant,
which will be further used in PhD research work at the University of Twente.

A special problem in the process development of SCWG is the feeding. The nature of biomass
feedstock for SCWG varies from dilute waste streams of organics solved in water, to heavy
durries of biomass in water. In case the starting material is coarse or fibrous, the origina
biomass should be ground and mixed with water to make a pumpable slurry. For instance verge-
grass, wine-grape residues, or municipal waste fractions must be treated in that way. Although
pumps for light slurries of fines are commercially available, they are hardly tested for biomass
feedstock. High-pressure pumping is required for heavy viscous streams and sometimes the
cement pump, known from building with concrete, is mentioned as a possible solution.

Introduction of feedstock in the SCWG process is under investigation in at least two EU
sponsored research projects, i.e. “Winegas’ and “Superhydrogen”. Apart from these projects,
the feeding of wet biomass feed is also examined in the development of the HTU process
(Goudriaan, 1990). Unfortunately, no information has been published until now. It is expected
however, that for every specific feedstock type the pumping problems can be solved at last.

To experience al problems possibly related to the development of the SCWG process, it was
decided to build and test a PDU of simple and straightforward design in the high-pressure
laboratories of Twente University. It has a capacity of 5-30 litre/hr and is designed for operation
temperatures up to 650°C and a pressure of around 300 bar. A flow sheet of the processis given
in Figure 2-10. Four liquid containers are installed, represented in the figure by a single one.
Two feedstock vessels allow the switching from one to another type of biomass (or another
composition). At least 2 hours of operation is possible without refilling the feedstock bins. The
other two storage vessels contain clean and effluent water respectively.

Heat exchange between the inlet and outlet streams has been implemented in the PDU, as it is
essential for achieving acceptable thermal efficiencies. A simple double-walled tube hest
exchanger is installed. The feedstock is flowing through the outer tube (5/4", Incoloy 825), and
the reactor effluent through the inner tube (/2" Incoloy 825). In this way, about 7 kW of heat
can be exchanged between the reactor inlet and outlet.

The reactor tube has an inner diameter of 14 mm, a total length of 15 m, and is made aso from
Incoloy 825. It is heated externally by a 20 kW natural gas burner. A residence time of 0.5 to 2
minutes is probably needed to achieve complete carbon conversion.

The two-phase product stream from the reactor arrives in a high-pressure (HP) gas-liquid
separator (P = 300 bar, T = 25-100°C) from which the liquid phase is further transferred to a
low-pressure (LP) gas liquid separator (P = 1 bar, T = 20°C). Figure 2-10 shows that the gas
released from the HP isrich in hydrogen. The LP separator produces a CO,-rich gas. The results
presented in Figure 2-11 are obtained during two hours of continuous operation at the following
conditions: T = 580°C, P = 270 bar, and a 5 wt.% glycerol solution in water. Apparently, the
addition of a small quantity of sodium ionsis essential to catalyse the shift from CO to H, (see
Table 2-6).

As first feedstocks “simple” components like ethanol and glycerol have been used in the PDU,

while later trials are intended for the more difficult feedstock types like starch and, eventualy,
real biomass.
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Figure2-10 Smplified scheme of the PDU for biomass gasification in supercritical water,
built by BTG for the University of Twente
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Figure2-11 Pilot plant results. Product composition for gasification of 5 wt.% glycerol with
0.0075wt.% NaOH

Table2-6 Typical “raw” gas composition for gasification of 5 wt.% glycerol with and without

additives
- NaCO3 0.01wt.% NaOH 0.01wt.%
Hydrogen (Hy) 28 49 50
Carbon Monoxide (CO) 25 1 0.3
Carbon Dioxide (COy) 22 35 35
Methane (CH,) 13 10 10
Ethylene (C,H.) 2 0.2 0.2
Ethane (C;Hg) 8 38 38
Propylene (C3Hg) 0.6 0.2 0.3
Propane (C3Hg) 1 0.6 0.9
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2.6  Future prospects

The arguments to strive for a hydrogen-driven economy are well known. Scenarios for so-called
“zero-emission” cars, and “highly-efficient” fuel cells for power production, are extensively
discussed in the media. It is also generaly recognised that the implementation of a hydrogen
economy will require a huge technology effort and quite some time (decades) because of the
lacking infrastructure for storage and distribution. Nevertheless, the governmental policies have
been clearly re-directed to support this development, in addition to the instruments for improved
efficiencies and the utilisation of renewable sources in energy production.

If hydrogen from renewable sources is considered, this is mostly referring to systems on basis of
wind or hydropower in combination with electrolysis of water. Hydrogen from biomass is now
also being put forward as an aternative option. It could be separated from biomass syngas
(H2/CO), which would require the development of oxygen blown high-pressure gasifiers that
can cope with biomass as a feedstock. Alternatively, biomass-syngas could be produced from
liquid fuels derived from biomass, with the proven gasification technology that is applied for
crude oil. It should be noticed that the above syngas route is always starting from dry biomass as
afeedstock, that is with a moisture content of less than 50 wt.%

Although SCWG is atotally new concept it has, in the present stage of consideration, a number

of very interesting aspects (see Figure 2-12):

1. The process is suitable to process very wet feedstock like for instance algae or water
hyacinth. In fact any agricultural or industrial waste streams can be utilised, provided that
its value is low enough to allow economic conversion in the high-pressure / high-
temperature SCWG process.

2. It isimportant to note that the products of SCWG will be available at high pressure, which
is practically always needed for any further use.

3. In case a catalyst or a secondary shift reactor is applied to convert the CO in the product
gas, the product will exclusively contain H,, CH4 and CO,. Because of its relatively high
concentration, it is quite interesting to consider CO, sequestration for underground storage.

4. Mixtures of H, and CH, are on a short to medium term applicable to mix into any
distribution network for natural gas and make this partially green. In the Netherlands, this
co-feeding application has a huge potential because of the large scae of natural gas
utilisation.

5. Last but not least, hydrogen from SCWG can be used for fuel cell applications, in which
case the CH, and any other hydrocarbons should be converted in a secondary reformer.
Upgrading steps like water-gas shift and steam reforming are known technologies and are
not expected to hinder the development of that particular application serioudly.

Compressed e Substitute Natural
H,/CH, »| Gas (CNG/SNG)

(Medium term)

Wet Biomass Supngr!tlcal Water Upgrading Compressed o Mobile-stationary
Gasification Process H, Fuel cells

(Longterm)
Compressed e Underground storage
paver & co, P> « Deep-sea sequestration
¢ Re-use
A ———— P Water
Desalination
% Minerals

Figure 2-12 Scheme for application outlets of SCWG
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The achievements of the last few years are based on financia support by the European
Commission and the Japanese NEDO, for research at universities and in the research institutes.
It appears that all active players in the field have joint to push the technology to the
demonstration phase. A working group has been established with participants from the USA,
Japan and Europe who will meet every year to exchange ideas and share the results of
investigations. This collaboration may be the key to success.

2.7 Conclusions

Wet biomass and related feedstock can be gasified in hot compressed water to produce
combustible gas mixtures. If produced, contaminants like tars and particulates will be in the
liquid phase. At relatively low temperatures, just below the critical temperature, catalysts are
required and gases rich in methane can be produced. At higher temperatures and supercritical
conditions, hydrogen rich gases are formed, especially from low concentration feedstock. When
the biomass concentration in water increases, the product will gradualy contain more
hydrocarbons and full conversion becomes difficult. Catalysts are required then to improve the
conversion. Such observations from the literature are largely consistent with simple
thermodynamic models, despite the fact that equilibrium is generally not achieved in practice.

From the overall heat balance, it is demonstrated that intensive heat exchange between
feedstock and products is essential, especially for gasification in supercritical water. This heat
exchange is a non-trivial matter, as the feedstock will aready produce decomposition products
like tar and char or coke, while being heated. Non-conventional solutions for the pump, heat
exchanger and reactor, as well as for residual carbon combustion, may be required to obtain a
practical process. Despite all the problems in the early stage of development, the wet-biomass
conversion processes could become an attractive option for the production of clean “green” gas
from biomass and organic waste.
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3. MODELLING OF “GREEN GAS’ (SNG) PRODUCTION BY
SUPERCRITICAL GASIFICATION OF BIOMASS

3.1 Casedefinition

The main components of the product gas from supercritical gasification of biomass are methane,
hydrogen, carbon dioxide, and carbon monoxide. After the required gas clean-up, the product
gas can be used to produce either “Green Gas’ (SNG), or hydrogen. In the first case the clean
gas will be led to a methanation step, where carbon monoxide and a fraction of carbon dioxide
will react with hydrogen to methane, followed by a conditioning step, consisting mainly of gas
drying and (partial) CO,-removal, as presented in figure 3-1.

Biomass Gas SNG
— | Pre-treatment T Gasification Gas clean-up Methanation conditioning EE—

Water
Figure 3-1 " Green Gas’ (SNG) production by supercritical gasification of biomass

In the second case, the clean gas will be converted to pure hydrogen and carbon dioxide in a
catalytic membrane reforming unit, as presented in figure 3-2.

I—b

Biomass Catalytic H2
— 1 Pre-treatment T Gasification Gas clean-up membrane >

reforming

Water
Figure 3-2 Hydrogen production by supercritical gasification of biomass

In relatively short term, based on the expected market potential, “Green Gas’ would be the
desired end product, being transported through the existing natural gas infrastructure, while in
long term pure H, could be produced (requiring infrastructure for storage and distribution),
contributing to a potential future hydrogen economy. In the transition to a potential hydrogen
economy, mixtures of CH,/ H; could be added to the natural gas grid. Based on the abjective of
the project, the focus of this study will be on the modelling of " Green Gas’ (SNG) production
by supercritical gasification of biomass.

As shown in figure 2-2f, according to thermodynamics, there is a strong shift from methane
towards hydrogen and carbon monoxide while increasing the temperature. Methane-rich gas can
be produced up to temperatures of ca. 500°C, higher temperatures favour the production of
hydrogen. At relatively low temperatures (about 350°C), just below the critical temperature,
methane-rich gases can be produced by using a catalyst. The subcritical water gasification,
therefore, seems to be an even more attractive process for SNG production. Since the operating
temperature is lower than for supercritical gasification, there is less heat transfer required in the
heat exchanger and consequently there is less heat loss. Also, at lower temperatures, more
methane (and less hydrogen) is produced at equilibrium conditions. However, research on sub-
critical gasification is not as far developed as for supercritical gasification and full carbon
conversion is yet only achieved in subcritical gasification experiments where very low dry
matter concentrations are used.
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3.2 Availahility of biomass and waste

The SCWG process is mainly aimed for conversion of wet biomass and waste streams.

Examples of such streams with their potential in the Netherlands are (Hemmes, 2004):

0 Vegetable, fruit and garden (VFG) waste, organic wet fraction (OWF) of municipal solid
waste (MSW), waste streams from agricultural, food and beverage industries, manure, etc.
Hemmes estimates that annually between 5.3 and 12 million tonnes (dry matter) of such
sources to be available in the Netherlands. Assuming a conversion efficiency of 65%, this
will result in 70 to 160 PJ of energy, corresponding to 2.3 to 5.3% of the present annual
Dutch energy consumption.

0 Wet energy crops with a large potentia in the Netherlands: micro algae 36 PJ per year,
water plants (seaweeds) in salt water 333 PJ per year and in fresh water 14 PJ per year, tota
383 PJ per year.

o Polluted (wet) waste streams, such as sewage sludge (1.8 million tonnes per year with 0.4
million tonne dry matter), harbour sludge, mud species (40 million tonnes per year with 10-
20% organic métter).

0 Household and industrial waste water: 2 million tonnes dry organic matter per year.

Reith et al. have reviewed the possible sources for anaerobic digestion for the generation of
methane in the Netherlands (Reith et al., 2003), as summarised in table 3-1. According to these
data, anually more than 14 million tonnes of such sources would be available in the
Netherlands, which are also suitable sources for the SCWG process.

Van de Beld et al. expect, that about 25% of the Dutch biomass-related sustainable energy
targets in 2020 can be realised by optimal use of the available wet biomass streams in the
Netherlands (Beld et al., 2004a8). They refer to an inventory made by Vis (Vis, 2002),
concerning the availability of waste streams in the food and beverage industry. These streams
would have a potential of 122 PJ, from which alarge percentage is used as fodder. About 44 PJ
would be available for energy purposes. According to Siemons (Siemons, 2003) from the
available 44 PJ, about 32 PJ can easily be combusted, and therefore, is a potentia fuel for co-
firing projects for electricity generation. The choice of the conversion route would, among
others, depend on energetic efficiency and capital costs.

Another feedstock for SCWG process is glycerol, a by-product of biodiesel production from

rapeseed (RME: rapeseed methyl ester). According to reported process data, for each MW of
biodiesel produced, 0.045 MW of glycerol is produced (Deurwaarder et al., 2003).
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Netherlands (Reith et al., 2003)

Table3-1 Possible sources for anaerobic digestion for the generation of methanein the

Source Waste stream Production ~ Dry matter
tonnelyear %
Municipal waste Vegetable, Fruit & Garden waste 1,457,000 30
Market gardening Stalks/leaf 231,500 15
Withdrawn vegetables 51,000 6,5
Tomato-stalks 45,000 15
Withdrawn fruit 21,000 12
Withdrawn ornamenta plants 485 10
Cabbage |eaf 100,000 18
Chicory waste 87,500 20
Roadside grass 600,000 50
Maintenance greenery Waste 150,000 12
Maintenance ditches/canals Organic waste 110,000 9
Flavour industry Slurry from onion il 11,500 9
Filter bed 4,000 50
Onion proc. industry Sorting waste 60,000 13
Vegetable/fruit proc. industry Organic biological 4,806,000
Activated dudge 3,000
Pulp & paper industry (primary) sludge 330,000 40
Slaughterhouses Sludge grease catcher 10,000 5
Flotation dudge 44,000 5
Slaughter waste/blood/hair 617,000
Unborn manure 95,000
Purification dudge 8,000 100
Dairy industry Organic biological 129,000
Purification dudge 1,000 15
Fish proc. industry Organic biological 31,000 100
Fuller's earth 15,000 100
Qil and grease industry Purification dudge 20,000
Starch and fodder industry Organic biological 2,674,000
Trade/services/etc. OSS-waste? 290,000 20
Catering/homes/etc. Swill® 107,800 57
Other industria treatment plants ~ Purification udge 1,600,000
Total 14,194,300

2 organic fraction of office, shops and services, like canteen waste
3 organic waste of catering industry and kitchens of homes, barracks, etc.
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3.3 Experimenta data

Two sets of experimental data were available from the University of Twente (at 300 bar). The
first set, presented in table 3-2, concerns data from batchwise capillary tests, being carried out
during about one minute with wood, as well as with glucose, as amodel compound. The second
set, presented in table 3-3, concerns data from continuous pilot plant tests, being carried out
with glycerol asamodel compound.

Table 3-2 Capillary data (at 300 bar)

Gas composition

Compound  d.m. T Catalyst C-conv. vol%
wt%  °C % H, CO, CO CHy GCH; CHs GCiHs GCsHg
Wood 9 600 - 48 124 389 206 215 06 45 0.6 11
750 - 60 260 426 24 27.6 0.1 13 0.0 0.0
Wood 16 695 - 41 10.6 33.9 204 301 0.2 4.5 0.2 0.1
Glucose 15 500 - 32 7 39 44 2 1 1 5 2
600 - 68 16 16 55 7 0 2 2 2
700 - 99 35 24 30 9 0 2 0 0
Glucose 17 460 - 23 8 33 53 3 1 1 1 0
550 - 58 9 10 66 9 1 3 1 1
610 - 71 10 8 62 13 1 4 1 2
655 - 76 12 7 59 15 0 6 0 1
700 - 84 18 13 47 16 0 6 0 0
800 - 83 37 32 11 19 0 1 0 0
Glucose 17 600 catalyst 100 11 48 0 41 0 0 0 0
Table 3-3 Pilot plant data (at 300 bar)
Compound  d.m. T Catalyst C-con. Gas composition
wt.% °C % vol%
H. CO; CO CHy, GCHs GCHs GCiHs GCsHg
Glycerol 5 600 0.01 wt.% 100 469 333 0.0 15.8 0.0 3.9 0.1 0.0
NaOH
Glyceral 5 600 0.01 wt.% 100 436 337 0.1 165 01 5.0 0.0 0.0
NaOH

The capillary data (table 3-2) show, that:

0 without acatalyst complete carbon conversion is not possible;

o carbon conversion increases at a higher operating temperature, and decreases as the d.m.
content of the feedstock increases,

O in presence of a catalyst complete carbon conversion can be achieved, even at a relatively
high d.m. content, much more methane can be produced, and the product gas would mainly
consist of hydrogen, carbon dioxide, and methane.

It is, however, not known how the catalyst would behave in a continuous system, and how long
it would be active.

In case of pilot plant data, complete conversion of glycerol has been achieved in presence of a
dilute NaOH solution, catalysing shift reaction. Comparable with capillary datain presence of a
catalyst, the product gas consists mainly of hydrogen, carbon dioxide, and methane. The wt.%
glycerol in these test, however, isvery low.

Based on the above-mentioned data, it is finally decided to use glycerol as feedstock in the

modelling work, however, at a higher (realistic) concentration of 17 wt.%, and assuming
chemical equilibrium.
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3.4  System modelling

3.4.1 Introduction

In order to provide an integral system analysis, the process of supercritical water gasification for
SNG production has been modelled with the Aspen Plus simulation package. All kinds of
organic compounds can be used within the model as feedstock, e.g. glyceral, glucose and
different types of biomass. The model uses equilibrium calculations, which are based on Gibbs
free energy minimisation. This means that the model can more or less predict cataytic
experiments of supercritical water gasification, of course depending on the ability of a specific
catalyst to have the reaction reach the chemical equilibrium. The Aspen Plus model cannot
predict non-catalytic experiments, but this is not required, because non-catalytic supercritical
water gasification does not achieve high carbon conversions and is, therefore, not interesting
from acommercial point of view.

The simplified scheme of the PDU of the University of Twente (see figure 2-10) was taken as a
basis for model flow sheet. It is reproduced in Aspen Plus form, as presented in figure 3-3. The
required specific downstream operations for the optimisation of SNG production are represented
and described further on.

|
REAC-OUT

REACTOR

HP-PROD

Downstream
operations

LIQPROD2

Figure 3-3 Smplified scheme of the Aspen Plus model

3.4.2 Supercritical water gasification

The gasification has been modelled using glycerol as a model compound, but for glucose and
biomass similar results can be expected. For calculation of physical properties a modified
'Redlich-Kwong-Soave equation of state' has been used. The major parameters of the system,
i.e. temperature, pressure and dry matter content, have been varied to observe their effects on
the product gas composition. It was found that up to 50-60 wt.% of dry matter (glycerol in this
case) in the feed the carbon conversion is complete (figure 3-4a). At higher dry matter contents
the undesired carbon formation takes place. The amount of methane in the product gas increases
with higher dry matter in the feed (figure 3-4b), lower temperatures (figure 3-4c¢) and higher
pressures (figure 3-4d). For the amount of hydrogen produced obviously the opposite trends are
found. Carbon monoxide concentrations are always low, because of the huge amount of water
present, causing the water-gas shift reaction to shift aimost completely towards hydrogen and
carbon dioxide (equation 3-1). These trends are all in line with general expectations and also
with modelling work from the University of Twente (see §2.3.4).
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CO + H,O « H, + CO, (31
The product distributions from the experiments with the Twente University pilot plant (see table
3-3) can be compared with the one from the modelling results in figure 3-4b at 5 wt.% glycerol.

The two are very similar except for the fact that in the experiments ethane is formed, whereas

thisis not expected for a system in equilibrium.
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Figure 3-4 Aspen Plus modelling results (equilibrium calculation) for gasification of glycerol:
(a) carbon conversion as function of wt.% glycerol, (b) gas composition as function
of wt.% glyceral, (c) gas composition as function of temperature, (d) gas
composition as function of pressure

3.4.3 Energy balance

In the process of supercritical water gasification the wet feed stream is first compressed to high
pressures and subsequently heated to the necessary reaction temperature. In this way, when the
wet feed stream is heated it changes from liquid state directly to supercritical state, because of
the high pressure used. Thus, there is no vapour phase involved, which means that huge
evaporation and re-condensation effects are avoided. Therefore, it is possible to use the heat
available in the hot product stream flowing out of the reactor to heat the cold wet feed stream.
However, the heat exchanger necessary for the heat exchange between these two streams is not
a conventional one, because both the cold and the hot streams cross the critical point. Close to
the critical point, the heat capacity of water changes rapidly (figure 3-5a), which means that the
temperature profiles in the heat exchanger are not straightforward (figure 3-5b).
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Figure 3-5 Aspen Plus modelling results: (a) heat capacity of water at 300 bar as function of
temperature, (b) temperature profile of the feed stream and product gasin the heat
exchanger

Since the amount of heat to be transferred is quite considerable, this has to be done efficiently.
However, taking liquid-liquid shell and tube heat exchangers as reference, heat exchange
efficiencies of ca. 75% are typical. This means that 25% of the heat is lost. For the supercritical
water gasification system, this heat loss has to be compensated by reaction heat and by externa
sources. For a specific system as shown in table 3-4 the amount of heat necessary to heat the
cold stream to 600 °C equals approximately 100-120 MW, which means that approximately 25-
30 MW of heat islost. Part of this heat can be provided by the reaction heat.

Table 3-4 Input data integrated system based on glyceraol as feed stream

System parameters value
Scale [MW] (LHV) 100
Dry matter content [wt.%] 17
Pressure [bar] 300
Reaction temperature [°C] 600

For this specific system the product distribution after reaction (see figure 3-4) is. 29.2%
hydrogen, 36.1% carbon dioxide, 0.9% carbon monoxide and 33.8% methane. Roughly
simplified, the reaction can be expressed as:

10 Glycerol (CsHgO3) + HO® 13 H, + 15CO,+ CO+ 14 CH, (32

This reaction is only dightly exothermal: the standard reaction enthalpy is approximately 1
M JKggyeero. This should provide approximately 6-8 MW of heat”. Thus, additional heat of
approximately 20 MW from external sources is necessary. It is not possible to use low
temperature heat and preheat the cold feed stream prior to heat exchanger, because this would
result in atemperature crossover in the heat exchanger (see figure 3-5b). Thus, the required heat
has to be of relatively high temperature (500-600°C).

When compared to oxygen-blown gasification, in supercritical water gasification the overall
reaction requires more heat, because water is used instead of oxygen, but the product yield is
higher, because it also contains some hydrogen originating from the water that participated in
the reaction.

4 However, Aspen Plus calculations show an even lower overall reaction enthalpy for reaction in the supercritical
phase resulting in only 3.7 MW of heat production (probably also affected by mixing enthalpies).
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3.4.4 Upgrading to SNG

After the product stream flows out of the heat exchanger, it can be separated in different ways
depending on the desired product(s). Generally, first a high-pressure separation (i.e. the same
pressure as in the reactor) is executed at 25-100 °C to remove the major part of the water. Also,
approximately 20% of the carbon dioxide and a few percentages of hydrogen and methane are
removed, since they remain solved in the water. Subsequently, the gaseous product can be
treated further to obtain the desired product. The aqueous product can be separated further in
one or more steps at lower pressure(s). In thisway CO,-rich gas(es) with low calorific value are
recovered and can either be added, after compression, to the high-pressure product gas, or be
burnt to provide process heat. For the model the latter option was chosen. The stream properties
for asystem as given in table 3-4 and figures 3-3 and 3-6 are given in table 3-5.

Table 3-5 Stream propertiesfor a system as given in table 3-4 and figures 3-3 and 3-6

Property PRODUCT HP-PROD LIQPROD LP-PROD LIQPROD2
Composition

H,O [kmol/hr] 6058 4 6055 1 6053
H, [kmol/hr] 302 294 8 8 0
CO, [kmol/hr] 373 305 68 64 4
CO [kmol/hr] 9 9 0 0 0
CH, [kmol/hr] 349 341 8 8 0
C.Hs [kmol/hr] 0 0 0 0 0
Mass flow [kg/s] 36.7 55 312 0.8 30.3
Temperature [°C] 193 50 50 15 15
Pressure [bar] 300 300 300 1 1

The most straightforward method to exploit the high-pressure product gas is to remove the
carbon dioxide first and then separate the methane and the hydrogen, e.g. by a membrane, and
sell them as separate products. However, for SNG production the methane yield should be
maximised, which requires an additional methanation process. A conventional methanation at
15 bar is considered. Therefore, in the model, prior to the methanation the gas is expanded from
300 bar to 15 bar in a turbine, after which steam is added in order to prevent carbon formation
during methanation (see figure 3-6).

O

METHAN

TURBINE STEAM COOLER

METHPROD ' RAW-SNG

{

MP-PROD L METHFEED

QD

>

PRODUCT

LIQPROD2 [~

Figure 3-6 Smplified scheme of the downstream treatment of the Aspen Plus model

After methanation, the product gas is first cooled to -10 °C to remove water, and subsequently
most of the carbon dioxide is removed (approximately 80%) in order to bring the Wobbe-index
of the gas within the Dutch natural gas specification (i.e. between 43.46 and 44.41 MIJNm?). A
small amount of hydrogen, approximately 2% will still be present in the product gas. For the
specific system as described in table 3-4, the properties for some of the streams from figure 3-6
are given in table 3-6.
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Table 3-6 Properties of some of the streams for a system as given in table 3-4 and figure 3-6

Property HP-PROD METHFEED METHPROD RAW-SNG SNG
Composition

H,0 [vol.%] 0.4 50.0 62.1 0.0 0.0
H, [vol.%] 30.9 155 0.5 14 19

CO, [vol.%] 321 16.1 138 354 9.9

CO [vol.%] 09 05 0.0 0.0 0.0
CH, [vol.%)] 35.8 18.0 23.7 63.2 88.2
C.Hs [vol.%] 0.0 0.0 0.0 0.0 0.0
Mole flow [kmol/hr] 952 1896 1749 655 469
Mass flow [kg/s] 55 10.2 10.2 47 24
Temperature [°C] 50 268 266 -10 15

Pressure [bar] 300 15 15 15 15

3.4.5 Overall system energy balance

The SNG yield of the supercritical gasification process is very high (see table 3-7), because the
reaction is only dightly exothermic and, therefore, the major part of the energy value remainsin
the product. However, there is a large heat requirement for the process and the overall process
efficiency depends largely on how this heat is provided. If this heat can be produced with high
efficiency, the integrated system efficiency will still be very high. The integrated system results
are given in table 3-7, along with results for production of SNG for transportation, a concept
that will be described in §83.4.6.

3.4.6 SNG astransportation fuel (CSNG)

Since the product gas is initially produced at 300 bar, it might be useful to operate the
downstream processes at this pressure and thus produce compressed SNG (CSNG) at 300 bar,
which can be used as a transportation fuel. However, this would require a methanation process
under supercritical conditions, which is far from conventional methanation and which would
reguire considerable development time. A methanation process at 60 bar should be possiblein a
conventional reactor. Thus the product gas can be expanded to 60 bar, then upgraded to SNG
and consequently compressed to 300 bar. This was modelled with the system from table 3-4. As
gas quality specification, instead of using the Waobbe index, a maximum of 5% of inert gasesin
the SNG was used, which is based on specifications for the use of upgraded biogas for
transportation in Sweden (City of Gothenburg, 2000). The integrated system results are given in
table 3-7. Compared to the system of SNG production at 15 bar, the product yield of this system
is similar, but the product contains a lower amount of hydrogen. Also, the process requires
somewhat more steam to prevent carbon formation and additional compression of the SNG
causes net power consumption.

3.4.7 Conclusions

An integral system analysis for the production of SNG by supercritical water gasification was
executed based on an Aspen Plus process model. The model is based on equilibrium and can
predict catalytic supercritical water gasification of glycerol, biomass and other compounds. The
composition of the produced gas corresponds well with modelling results and pilot plant data
from the University of Twente. The produced gas can be upgraded to SNG for injection into the
natural gas grid or for use as a (compressed) transportation fuel. Although in the system analysis
one specific downstream method has been used, alternative downstream methods are possible
for SNG production or co-production of SNG and hydrogen. The selected process has a high
SNG yield, over 90%, but it also requires alarge amount of heat, equal to approximately 20% of
the biomass input. This heat is necessary, because of the heat loss in the heat exchanger.
Supplying a part of the product gas or produced SNG for heat delivery, will result in an overall
SNG yield over 70%.
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Table 3-7 Modelling results of integrated systems for production of SNG and CSNG by
gasification of wet biomass in supercritical water, followed by methanation

MASS & ENERGY FLOW SNG for gas grid SNG for transportation
Energy (MW) Mass (kg/s) Energy (MW)

In: Glycerol 100 6.2 100
Water 305
Steam 5.8
Power 23 30
Hesat (>500°C) 19.3 19.3

Out: SNG 92.8 21 92.4
Power 24 15
Hest (120-500°C) 13 14
Water 37.3
CO, 23
LP-product 0.8

SNG-to-glyceral ratio: 0.93 0.34 0.92

Carbon conversion: 100% 100%

SNG efficiency: 92.8% 92.4%

CO, separation degree 80% 90%

SNG SPECIFICATION

CH, [mol.%] 88.17 94.24

H, [mol.%] 1.90 0.93

CO, [mol.%] 9.89 4.80

Co [mol.%] 0.00 0.00

H,O [mol.%] 0.03 0.02*

CO [mol.%] 0.01 0.00

Pressure [bar] 15** 300***

LHV [MJkg] 38.41 4397

LHV [MIm.J 31.86 33.93

HHV [MJkg] 4264 48.80

Wobbe [MIm,3| 44.16 4869

*  Thiswater content is still approximately afactor 6 too high for use as transportation fuel (City of Gothenburg, 2000), additional

water removal is necessary.

** For the foreseen application, i.e. injection into the natural gas distribution grid(s), a pressure of only 8 bar is necessary. The 15

bar given here excludes the pressure drop during the SNG production.

*** Natural gasfor transportation is generally used at 200-250 bar, but stored at somewhat higher pressures, e.g. 300 bar.
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3.5 Economic analysis

Various research groups have published cost estimates for the SCWG-process. It turned out that
the results of the cost calculations vary a lot, namely from 12 $ to 600$ per GJ produced
gaseous product (see table 3-8). This large range of estimated costs is caused by the different
assumptions used. Next to diverse throughputs varying from 0.2 to 100 MW, flowsheet
aternatives were considered aimed at the production of either purified hydrogen (>95%) or
hydrogen-rich gas.

In the USA, NREL studied production of purified hydrogen based on SCWG and membrane
separations. Relatively small scales (5.6 MW;,) were considered. For the used assumptions, the
selling price of the pure hydrogen from biomass (88%/GJ) were found to be far too high to be
even competitive. As a consequence of the NREL reports, Antal’s research on SCWG was
stopped. According to Kersten, NREL calculations do not give a realistic view. Obvioudly,
hydrogen from biomass will be more expensive than from methane reforming. However, the
hydrogen costs, as calculated by NREL, are obscured by too low throughputs and too expensive
hydrogen purification units (Kersten, 2003). It should however be mentioned, that based on a
recent communication, it seemed that Antal did not believe either in hydrogen production by the
SCWG process, due to the economy of the process (Mozaffarian, 2004a).

Considering not purified hydrogen but hydrogen-rich gas, Matsumura calculated a price of 25
$/GJ for a plant with a very low throughput of 0.21 MWy, (Matsumura, 2002). According to
Matsumura, from the process economy viewpoint, the feedstock of the SCWG process should at
least be available for free (Mozaffarian, 2004b). For a plant of 100 MWy, producing hydrogen-
rich gas and specific investment costs of 600 €/kW;,, a price of 12 $/GJwas estimated within an
EC project (EC-JO-ST-3042). If hydrogen-rich gas would be upgraded to purified hydrogen, or
SNG, the costs of final product would become higher, due to additional investments for either
purification, or methanation units.

As mentioned earlier, contrary to aternative digestion route for conversion of wet biomass
streams, SCWG of biomass can lead to complete conversion of the organic fraction of the
feedstock. It should, however, be mentioned that in absence of a catalyst complete conversion of
afeedstock in SCWG process would only be possible at either avery low dry matter content (<
5 dm%), or at a very high operating temperature (> 700°C). Besides, both cases result in a
product gas with relatively low methane content and high hydrogen content, which is not
desirable for SNG production. In order to achieve complete conversion of a feedstock with a
relatively high dry matter content (up to 20%), at an operating temperature < 600°C, and with a
relatively high methane content in the product gas, the gasification should be carried out in
presence of a catalyst (not yet available). This means, that all the process steps in SCWG
process are either non-conventional, or catalytic, or non-conventional as well as catalytic. This
will certainly affect the economy of the process.

Mozaffarian et al. have studied the economy of SNG production by ‘traditional’ gasification of
biomass (Mozaffarian et al., 2003). Two gasification routes have been considered: pressurised
oxygen-blown CFB gasification, as well as atmospheric indirect steam-blown gasification.
Within that study imported biomass has been considered as feedstock for large-scale production
of SNG. For a system with a thermal biomass input of 100 MW, based on biomass costs of 2.3
€/GJ and specific investment costs of 450-480 €/kWy,, SNG production costs in the range 7.8
8.5 €/GJsns have been calculated. In all cases of the SCWG process, mentioned above, a zero-
cost feedstock was assumed. The relatively higher production costs in those cases are mainly
due to higher investment and maintenance costs of the SCWG process. An important potential
to reduce the production costsin SCWG process is the application of wet organic waste streams
as feedstock, with a negative market value. In other words, organic waste treatment can be a
promising application for SCWG process.
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Table 3-8 Reported costsfor SCWG (Kersten, 2003)°

Feed System Capital cost Gasprice E price
Throughput
wet ton / day Dry matter
Reference (MWy) wt.% Flow-sheet Products M$ $GJ HKkWh
NREL 9(0.28) 15 SCWG-plant (recycle reactor) Purified H, 6.5 603
(Amos 1999a) 90 (2.8) 15 Ho-purification 31 246
180 (5.6) 15 Waste water disposal 50 205

NREL 180 (5.6) 15 SCWG-plant Purified H, 26 88
(Amos 1999b) Ho-purification

Waste water disposal
NREL 180 (5.6) 15 SCWG-plant Purified H, 28 103
(Amos 1999b) Ho-purification Electricity

Waste water disposal

Combustion turbine (407 kW,)

NREL 180 (5.6) 15 SCWG-plant Purified H, 29.6 107
(Amos 1999b) Ho-purification Electricity

Waste water disposal

Combined cycle (1758 kW,)
NREL 180 (5.6) 15 SCWG-plant Electricity 296 0.63
(Amos 1999b) Waste water disposal
Combined cycle (721 kW)

(Matsumura 2002) 5(0.22) 20 SCWG-plant Ho-rich gas 21 255

Waste water disposal
EC project: 3200 (100) 15 SCWG-plant Ho-rich gas 60 12

(EC-JO-ST-3042)

SInall casesit was assumed that the feedstock price was 0$/GJ and 1$=1 €.
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Considering the economy of the SCWG process, it seems more redlistic that the development of
the process be based on production of methane-rich gas or SNG, instead of hydrogen
production. In the former case low-temperature gasification will be favoured according to
thermodynamics, resulting in high methane concentrations in the product gas. This means that,
compared to high-temperature gasification, a smaller external methanation unit will be required
for SNG production. Besides, less external heat will be necessary, to bring the feedstock to the
required reactor inlet temperature, both aspects resulting in lower costs. Vogel et al. have
studied the production of SNG from wood and manure, at high feed concentrations (up to 30
wt.%), by catalytic gasification in hot compressed water in a laboratory batch reactor at 350-
415°C and 270-320 bar (Vogel et al., 2004). The reported product gas, consists mainly of
methane (49 mol%) and carbon dioxide (48 mol%), with little hydrogen (3 mol%). They have
caculated an SNG cost of 10 $/GJ for a 20 MWy, SNG plant (calculated therma process
efficiency 70%), located in Switzerland, when using clean wood at 3.5 $/GJ. For zero-cost
biomass such as manure, they expect an SNG cost around 5-6 $/GJ. Their economic analysis is
based on the assumption, that no external methanation unit will be required. Other assumptions,
such as the investment and operating and maintenance costs are not known. Besides, it is not
known whether they take the biomass pretreatment costs, as well as the costs of waste water
treatment and gas cleaning into account. It is also interesting to know how they solve pumping
of abiomass slurry with up to 30 wt.% of wood.

In paragraph 2.1 it is mentioned, that very wet biomass streams (moisture content > 70 wt.%)
cannot be converted economically by traditional techniques like pyrolysis, combustion, and
gasification, due to the cost and energy requirement for water evaporation. Taking the remarks
made about the economic aspects of SCWG process for SNG production into account, it seems
interesting to make a comparison between the economy of the SCWG process and other routes
for conversion of wet biomass/waste streams like digestion and HTU processes, as well as
thermochemical routes for conversion of relatively dry biomass streams. For the latter processes
possibly a large amount of the water content of biomass streams could be removed
mechanically, by different filtration techniques, eventually followed by drying to the required
moisture content for combustion (50 wt.%), or gasification (10-15 wt.%).

3.6 RD&D trgectory

Supercritical water gasification process is in an early stage of development and far away from
commercial application. As mentioned in previous chapter, one of the important aspects for
future investigation is the introduction of feedstock in the SCWG process. The experimental
results, obtained so far, are mainly based on ideal model feedstocks. Regarding the heat balance,
an intensive heat exchange between feedstock and products is essential. This heat exchange is a
non-trivial matter, as the feedstock will already produce decomposition products like tar and
char or coke, while being heated. Non-conventional solutions for the pump, heat exchanger and
reactor, aswell as for residual carbon combustion, may be required to obtain a practical process.
When the biomass concentration in water increases, the product will gradually contain more
hydrocarbons and full conversion becomes difficult. Catalysts are required then to improve the
conversion. Catalysts, suitable for long operating times, are not available yet. When producing
SNG from the product gas, the present hydrogen should react with carbon oxides in a
methanation unit. The high pressure of the product gas (300 bar) is favoured for methanation
reactions. In practice, however, thisis not proven yet. Although most impurities are expected to
be removed with the aqueous phase, resulting in a large waste water stream, the product gas
may still contain some impurities such as sulphur and chlorine. Additional guard beds might,
therefore, be necessary to prevent deactivation of the methanation catalyst. All these
aspects/uncertainties require additional research and development at lab-/pilot-scale for the
coming years, followed by a techno-economic evaluation of the process, with the related go no-
go decision towards a demonstration.
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4. CONCLUSIONS & RECOMMENDATION

4.1 Conclusions

A detailed review has been carried out regarding both sub- and supercritical gasification of
biomass. Also based on experimental data, delivered by the University of Twente, an integrated
model has been developed within the Aspen Plus process simulation package. Based on the
literature survey and the modelling work the following conclusions are made:

1. Wet biomass and related feedstock can be gasified in hot compressed water to produce
combustible gas mixtures. If produced, contaminants like tars and particulates will be in the
liquid phase. At relatively low temperatures, just below the critical temperature, catalysts
are required and gases rich in methane can be produced. At higher temperatures and
supercritical conditions, hydrogen-rich gases are formed, especially from low-concentration
feedstock. When the biomass concentration in water increases, the product will gradually
contain more hydrocarbons and full conversion becomes difficult. Catalysts are required
then to improve the conversion. Catalysts, suitable for long operating times, are not
available yet.

2. From the overal heat balance, it is demonstrated that intensive heat exchange between
feedstock and products is essential, especialy for gasification in supercritical water. This
heat exchange is a non-trivial matter, as the feedstock will already produce decomposition
products like tar and char or coke, while being heated. Non-conventional solutions for the
pump, heat exchanger and reactor, as well as for residua carbon combustion, may be
required to obtain a practical process.

3. When producing SNG from the product gas, the present hydrogen should react with carbon
oxides in a methanation unit. The high pressure of the product gas (300 bar) is favoured for
methanation reactions. In practice, however, this is not proven yet. Although most
impurities are expected to be removed with the agueous phase, resulting in a large waste
water stream, the product gas may still contain some impurities such as sulphur and
chlorine. Additional guard beds might, therefore, be necessary to prevent deactivation of the
methanation catalyst.

4. An integra system anaysis for the production of SNG from glycerol by SCWG was
executed, based on an Aspen Plus equilibrium model. The composition of the product gas
corresponds well with modelling results and pilot plant data from the University of Twente.
For a catalytic process with complete carbon conversion, overall SNG yields over 70%
could be achieved.

5. Considering the economy of the SCWG process, it seems more redlistic that the
development of the process be based on production of methane-rich gas or SNG, instead of
hydrogen production. Low-temperature gasification will be favoured for SNG production,
compared to high-temperature gasification of biomass, resulting in higher methane
concentrations in the product gas, and a smaller externa methanation unit. Besides, less
external heat will be necessary, to bring the feedstock to the required reactor inlet
temperature, both aspects resulting in lower costs.

6. According to a first rough estimation, the SNG production costs by SCWG process are
relatively high, even when the feedstock would be available for free. Thisis mainly due to
relatively high investment and maintenance costs of this process, compared to other
biomass/waste-related SNG production technologies. An important potential to reduce the
production costs in the SCWG process is the application of wet organic waste streams as
feedstock, with a negative market value. In other words, organic waste treatment can be a
promising application for the SCWG process.

7. The SCWG processisin an early stage of development. Additional R& D will be required at
lab-/pilot-scale for the coming years, followed by a techno-economic evaluation of the
process, with the related go no-go decision towards a demonstration.
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4.2 Recommendation

Due to expected (relatively) high investment and maintenance costs of the SCWG process for
SNG production, it is recommended to make a comparison between the economy of the SCWG
process and other routes for conversion of wet biomass/waste streams like digestion and HTU
processes, as well as thermochemical routes for conversion of relatively dry biomass streams.
For the latter processes possibly a large amount of the water content of biomass streams could
be removed mechanically, by different filtration techniques, eventually followed by drying to
the required moisture content for combustion (50 wt.%), or gasification (10-15 wt.%).
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Table A-1  Properties of used reactors on laboratory scale
Reactor type Reactor Materia \% ID L
Research group ml mm mm
Kruse et al. Autoclave | SS 1000 - -
Tubular reactor |1 Incond 625 - 8 500
Bench-scale tubular reactor Inconel 625 - 8 15000
Batch reactor | Inconel 625 1000
Batch reactor |1 Nimonic110 100
Batch I11-tumbling autoclave Inconel 625 1000
Tubular reactor | na
Continuous Stirred Tank Nimonic 90 190
Reactor(CSTR)
Anta et al. SCAFR
SCCFR1 HastelloyC276 - 144 6100
SCCFR2 Corroded HastelloyC276 - 144 6100
SCCFR3 Inconel 625 - 144 6100
SCFR1 Inconel 625 - 4.75
SCFR2 Hastelloy C276 - 6.25 952
SCFR3 Hastelloy C276 - 6.22 1016
SCFR4 Hastelloy C276 - 6.22 1016
SCFR5 Hastelloy C276 - 6.22 1016
SCFR6 Hastelloy C276 - 6.22 1016
Hao et al. SCFR-6mm SS316 - 6
SCFR-9mm SS316 - 9
Holgate et al. FR Inconel 625 - 1.71 4700
Leeet al. SCWFR Hastelloy C276 - 6.22 670
Modd et al. Magnetically stirred autoclave SS 316 1000 - -
Park et al. autoclave na
Elliott et al. Autoclave Inconel 1000
FBCTR-Bench scale (BS) SS 304 25 1830
FBCTR-Micro scale(MC) SS 316 13 300
Vogd et al. autoclave na
SCAFR-supercritical annular flow reactor
SCCFR- supercritical Cail flow reactor
SCFR-supercritical flow reactor
Nimonic- nickel base aloy
CSTR- Continuous Stirred Tank Reactor
FBCTR- Fixed Bed Continuous Tank Reactor
FR — flow reactor
n.a.- not available
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Table B-I

Reported results of non-catalytic gasification experiments

Process conditions

Gas composition,%

Resactor Carbon
Reference type Feed Tec | Polowwn| Ts Cadyst | sticiency.% | Hy co, co | cH, | c2+
(Antal, 1993) CSSFR1 glucose 600 345 18 4 - 7 253 16.8 411 137 31
(Antal, 1993) CSSFR3 glucose 600 345 1.8 7 - 0 54.9 38.7 15 4.4 05
(Antal, 1993) CSSFR3 glucose 600 345 18 A - 93 54.2 374 20 5.4 1.0
(Antal, 1993) CSSFR3 glucose 600 345 18 54 - 93 51.8 41.6 15 46 05
(Antal, 1993) CSSFR3 glucose 600 345 18 14 - 9 52.8 40.6 14 4.7 0.5
(Antal, 1993) CSSFR3 glucose 600 345 18 28 - 102 52.7 40.0 14 5.4 05
(Antal, 1993) CSSFR3 glucose 600 345 3.6 A - 86 48.8 40.3 3.0 6.7 12
(Antal, 1993) CSSFR2 glucose 650 345 18 54 - 82 493 311 2.0 135 4.1
(Hao, 2003) CSFR-6mm glucose 650 250 7.2 222 - 89.7 193 29.7 29.9 16.1 5
(Hao, 2003) CSFR-9mm glucose 700 250 18 210 - 85.3 38 39.8 7 11.3 4.8
(Hao, 2003) CSFR-9mm glucose 600 300 18 318 - 55.7 331 38.7 214 51 17
(Hao, 2003) CSFR-9mm glucose 600 215 18 318 - 61.2 31.2 41.7 21.8 4.0 13
(Hao, 2003) CSFR-9mm glucose 700 325 18 186 - 88.9 40.8 39.2 6.9 9.9 31
(Hao, 2003) CSFR-6mm glucose 700 250 7.2 102 - 77.5 16.8 255 39.1 142 43
(Hao, 2003) CSFR-9mm glucose 500 250 18 222 - 31.6 26 45.3 26.7 14 0.6
(Hao, 2003) CSFR-9mm glucose 600 250 18 216 - 7.7 418 37.6 8.9 8.6 3
(Hao, 2003) CSFR-9mm glucose 650 300 1.8 306 - 93 41 39.2 54 10.9 3.2
(Hao, 2003) CSFR-9mm glucose 650 300 36 174 - 86.3 335 36.3 145 11.7 4
(Hao, 2003) CSFR-9mm glucose 650 250 7.2 210 - 89.6 215 35.5 183 15.8 53
(Holgate, 1995) FR glucose 600 246 0.01 6 - 100 61.3 36.8 0 1.8 -
(Holgate, 1995) FR glucose 575 246 0.01 6 - 97 60.6 375 0 19 -
(Holgate, 1995) FR glucose 550 246 0.01 6 - 97 44.6 17.8 35.7 18 -
(Kruse, 1999) Batch 111 Sewage sludge 450 350 1 7200 55 48.8 313 2.8 17.0 -
(Kruse, 1999) Tubular reactor | glucose 550 270 18 120 - 59.4 26 36 29.3 75 -
(Kruse, 1999) Tubular reactor | glucose 600 310 18 120 - 91.7 33.1 319 28.9 6.0
(Kruse, 1999) Batch 111 Straw 450 350 1 7200 - 835 32.8 47.2 14 185 -
(Kruse, 1999) Batch 111 Straw 500 315 1 7200 - 924 35 46.7 04 18 -
(Kruse, 1999) Batch | sucrose 390 260 17 14400 - 3 8 71 14.4 8 -
(Kruse, 1999) Batch vanilin 450 350 1 7200 - 29.2 223 251 394 133 -
(Kruse, 1999) Batch vanilin 500 315 1 7200 - 70.5 40.9 38.7 74 131 -
(Kruse, 1999) Batch 11 wood 450 350 1 7200 - 91.8 28.9 484 33 19 -
(Kruse, 2003) CSTR Baby food 500 300 18 300 - 42 49 42 05 85
(Kruse, 2003) CSTR Baby food 500 300 54 300 - 60 14 11 0.4 14.6
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(Kruse, 2003) Batch 111 pyrocatechol 500 250 5 3600 14.8 15.8 445 10.8 13.8
(Lee, 2002) SCWFR glucose 480 280 10.8 35 16.5 8 39.6 46.5 29 3
(Lee, 2002) SCWFR glucose 600 280 10.8 16 39.1 20.3 125 50.7 8.2 8.2
(Lee, 2002) SCWFR glucose 600 280 10.8 50 67.3 43.1 28.2 9.7 11.6 74
(Lee, 2002) SCWFR glucose 750 280 10.8 19 99.7 46.5 34.2 2.6 122 45
(Lee, 2002) SCWFR glucose 510 280 10.8 30 9.3 8 284 56.62 4.1

(Lee, 2002) SCWFR glucose 530 280 10.8 30 14 10.7 22.65 59.71 3.6

(Lee, 2002) SCWFR glucose 550 280 10.8 30 195 125 16 64.12 45

(Lee, 2002) SCWFR glucose 565 280 10.8 30 29.5 12.9 12.94 65.44 54

(Lee, 2002) SCWFR glucose 588 280 10.8 30 405 16 11.62 59.71 85

(Lee, 2002) SCWFR glucose 621 280 10.8 30 67.15 21.7 12.94 50.44 111

(Lee, 2002) SCWFR glucose 626 280 10.8 30 67.15 222 1294 54.41 11

(Lee, 2002) SCWFR glucose 640 280 10.8 30 84.6 191 11.18 46.91 125

(Lee, 2002) SCWFR glucose 645 280 10.8 30 81 20 16.91 51.32 125

(Lee, 2002) SCWFR glucose 663 280 10.8 30 86.4 201 10.74 45.15 116

(Lee, 2002) SCWFR glucose 683 280 10.8 30 89.1 25.7 16.03 34.12 10.29

(Lee, 2002) SCWFR glucose 700 280 10.8 30 99.2 37.21 18.23 16.03 8.9

(Lee, 2002) SCWFR glucose 704 280 10.8 30 96.5 41.62 25.29 19.56 10.7

(Lee, 2002) SCWFR glucose 720 280 10.8 30 100.1 48.23 30.15 9.8 7.6

(Lee, 2002) SCWFR glucose 722 280 10.8 30 96.5 53.97 30.15 9.8 7.6

(Lee, 2002) SCWFR glucose 739 280 10.8 30 100.1 50.44 32.35 3.6 7.6

(Lee, 2002) SCWFR glucose 742 280 10.8 30 99.26 55.73 33 5.8 7.6

(Modell, 1985) Batch 316 SS Glucose 377 218 16 3600 195 131 16.4 68.4 15 0.3
(Modell, 1985) Batch 316 SS Glucose 371 218 16 3600 25.5 14.2 29.1 54.1 16 11
(Modell, 1985) Batch 316 SS Glucose 371 218 16 9000 28.9 123 414 42.8 12 23
(Modell, 1985) Batch 316 SS Glucose 371 218 3.2 3600 9.5 19.1 38.1 41.2 11 0.9
(Modell, 1985) Batch 316 SS Maple sawdust 377 218 05 300 16.8 8.3 10.1 79.2 23

(Modell, 1985) Batch 316 SS Maple sawdust 377 218 0.64 900 18.1 17.9 9.1 69.4 3.7

(Modell, 1985) Batch 316 SS Maple sawdust 377 218 0.065 1800 88.3 15.9 13 65.5 5.1 05
(Modell, 1985) Batch 316 SS Maple sawdust 377 218 0.43 1800 331 5 9.6 824 29 0.1
(Modell, 1985) Batch 316 SS Maple sawdust 377 218 0.19 3600 39.5 16.8 19.6 57.2 5.6 0.9
(Modell, 1985) Batch 316 SS Levulinic acid 377 218 3 3600 10.8 48 6.6 87.9 0.6

(Modell, 1985) Batch 316 SS Glucose 374 218 32 3600 8.2 258 344 385 13

(Sinag, 2003) CSTR glucose 400 300 5 318 16.5 57 12.6 139 -
(Sinag, 2003) CSTR glucose 500 300 5 318 316 47 14 7 -
(Sinag, 2003) CSTR glucose 550 270 5 120 - 26 36 29.3 75 -
(Xu, 1996) SCFR 1 Acetic acid 600 345 0.6 27.7° 51 375 285 4.2 264 34
(Xu, 1996) SCFR1 Ethylene glycol 600 345 0.6 217°¢ 72 486 19.2 12.2 153 47
(Xu, 1996) SCFR1 glucose 600 345 22 34 80 11 5.7 62.3 16.5 45
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(Xu, 1996) SCFR1 methanol 600 345 3.2 27.7° 79 73.3 25.7 0 1 -
(Xu, 1996) SCFR1 Methy! ethyl ketone 600 345 0.7 27.7° 58 318 17.7 13 21.7 158
(Yu, 1993) SCCFR 1 Acetic Acid 600 345 3.6 A 10 16.4 36.3 55 405 13
(Yu, 1993) SCCFR 3 Acetic Acid 600 345 3.6 A 14 19.2 41.3 35 35.4 0.6
(Yu, 1993) SCCFR2 Acetic Acid 600 345 3.6 A 53 16.1 311 6.3 46.3 0.2
(Yu, 1993) SCCFR 3 Formic Acid 600 345 2.8 34 93 49.2 48.1 17 1.0 0
(Yu, 1993) SCCFR 3 glucose 600 345 36 K%} 82 571 28.1 52 8.1 15
(Yu, 1993) SCCFR 3 glucose 600 345 18 K%} 0 61.6 29. 2 7.2 -
(Yu, 1993) SCCFR 3 glucose 600 345 54 34 75 51.2 28 85 12.2 -
(Yu, 1993) SCCFR 3 glucose 600 345 144 34 68 19.2 19.2 42.3 17 -
(Yu, 1993) SCCFR 2 glucose 600 345 3.6 A 86 60.2 28.9 12 94 0.3
(Yu, 1993) SCCFR 1 glucose 600 345 3.6 A 89 26.1 130 435 139 35
(Yu, 1993) SCCFR 1 glucose 600 345 18 34 100 35.3 11.8 41.2 11 -
(Yu, 1993) SCCFR 1 glucose 600 345 54 A 80 19 9.5 56 15 -

# time on stream

“WHSV = CoV/W(Co-reactant concentration, V-volumetric flow rate of the feed,W-weight of the catalyst)
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TableC-1  Reported results of catalytic gasification experiments

Reactor Process conditions Carbon Gas composition, %
Reference type Feed T.°C lfa;r cwt%| T.s Catalyst effi COI/ (:ncy , Hy Co, co CH, Co+
(Antal, 2000) SCFR4 cornstarch 713 | 280 | 131 | 4geot | Coconulshel activate 81 29 47 3 18 -
(Antdl, 2000) SCFR4 (annulus cornstarch 711 | 280 | 89 | 4ot | Coconutshell activate 83 B 46 1 19 ;
hester) carbon
(Antal, 2000) SCFR4 cornstarch 60 | 280 | 137 | 8280t Coconuéiti')'na"“"ale o1 37 38 2 22 ;
(Antal, 2000) SCFR4 cornstarch 715 | 280 | 137 | 16452 Coconuéiki')'nac“"ate 08 37 42 1 19 -
(Antal, 2000) SCFR4 cornstarch 805 | 280 | 137 | 20520° Coconuéiki')'nac“"ate 106 a7 37 2 15 -
(Antal, 2000) SCFR4 cornstarch 745 | 280 | 137 | 16200 | Coconutsel activate 106 5 35 3 7 -
(Antdl, 2000) SCFR4 cornstarch 745 | 280 | 137 | 268t | Coconulshel activate 106 57 % 3 6 -
(Antal, 2000) SCFR4 cornstarch 745 | 280 | 137 | 3600" Coconuéiti')'na"“"ale 106 % 35 3 6 -
(Antal, 2000) SCFR4 Sawdust+comstarch | 790 | 280 | 1473 | 5832 Coconuéisc')'nac“"ate % 23 3 3 17 -
(Antal, 2000) SCFR4 Sawdust+comstarch | 790 | 280 | 1536 | sa7z | Coconutshel activate o7 57 R 4 6 -
(Antal, 2000) SCFR5 Sawdust + corngtarch 750 | 280 | 13 | 4932 Coconuéiki')'nac“"ate 101 27 46 2 24 -
(Antal, 2000) SCFR5 Sawdust+comstarch | 739 | 280 | 1452 | 70z0t | Coconutshel activate 84 2% 46 2 23 -
(Antal, 2000) SCFR4 Potato starch 700 | 280 | 128 | 3528 COCO”“;::‘& 'naC“"ate 70 3 49 1 17 -
(Antal, 2000) SCFR4 (annulus Potato starch 714 | 280 | 119 | 300t | Coconutshell activate 89 31 47 1 21 ;
hester) carbon
(Antdl, 2000) SCFR4 Potato waste 705 | 280 | 137 | 4140' Coconuéiti')'nac“"ate 72 B 45 1 19 ;
SCFR4 (annulus Coconut shell activate )
(Antal, 2000) heate) Potato waste 719 280 | 134 | 2088 carbon 79 R 44 1 21
(Antal, 2000) SCFRS glycerol 746 | 280 | 1871 | 6444’ Coconuég“&')' activate 9% 5 2 4 12 ;
(Antal, 2000) SCFRS glucose 745 | 280 | 2252 | 1348 | CocOMULShel activate 92 46 36 4 13 -
(Antal, 2000) SCFR5 glycerol 758 | 280 | 1871 | 4212 Coconuéiti')'na"“"ale %3 49 35 3 13 ;

ECN-C--04-081 67




(Antal, 2000) SCFRS Kraft lignif 757 | 280 | 15 | esrz | Coconutshell activate 15 48 a7 2 2 .
(Antal, 2000) SCFRS glycerol 748 | 280 | 1871 | eaqq’ | Coconutshell activate 89 51 31 4 13 ;
(Antal, 2000) SCFR5 Avicel+ cornstarch 756 | 280 | 16 | o720¢ Coconuéiti')'na"“"ale 83 0 45 2 21 ;
(Garcia, 1997) CSFR2 glycerol 625 | 280 | 123 | 2830 COCO”L“C?E'C') r‘f‘:“"ated 86 a 22 17 96 | 44
(Garcia, 1997) CSFR2 glycerol 65 | 280 | 123 | 6480° COCO”L“C?E'C') r‘f‘:“"ated o7 46 24 13 86 | 29
(Garcia, 1997) CSFR2 glycerol 625 | 280 | 123 | 10080" COCO”L“C?E'C') r‘f‘:“"ated %3 51 25 95 79 | 24
(Garcia, 1997) CSFR2 glycerol 625 | 280 | 123 | 13p80* | Coconut shall activated o7 54 26 8.1 82 | 23
(Garcia, 1997) CSFR2 glycerol 625 | 280 | 123 | 172spf | Coconut shall activated %8 53 27 7 81 | 22
: Coconut shell activated
(Garcia, 1997) CSFR2 glyceral 625 280 12.3 19080"* carbon 97 52 27 6.6 8.1 21
(Garcia, 1997) CSFR2 Poplar wood sawdust + | - e | ogy | 296 | 370gt | Coconut shell activated 73 e 44 25 16 | 22
corn starch paste carbon
(Garcia, 1997) CSFR2 Pop(':gr r‘\”ggiﬁ"’g‘j | es0 | 280 | 226 | 5940 C°°°”“tczr‘§'c') :‘C“"ated 74 % 45 5.2 17 | 33
(Garcia, 1997) CSFR2 Poplar wood sawdust + | - e | ogy | 296 | geagt | Coconut shell activated 70 28 45 49 17 | 32
corn starch paste carbon

(Hao, 2003) CSFR-6mm glucose 650 250 7.2 222 KOH 93.9 25.7 50.2 0.5 19.2 4.4
(Hao, 2003) CSFR-6mm glucose 650 250 7.2 108 NaCO; 90.8 231 50.9 2.7 19.3 4
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 200 6.6 60 KOH 9 58.7 33 13 6 1
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 300 6.6 60 KOH 99 53.3 34.7 1 8.6 24
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 400 6.6 60 KOH 99 48.7 36.3 1 105 35
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 200 13.2 60 KOH 9 534 338 15 8.7 2.6
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 300 13.2 60 KOH 99 39 39 11 145 6.4
(Kruse, 2000) Tubular reactor |1 pyrocatechol 700 400 13.2 60 KOH 9 37 394 13 16.5 5.8
(Kruse, 2000) Batch 111 pyrocatechol 500 250 5 3600 KOH 0.5wt.% 2 37 10 16 9
(Kruse, 2000) Batch 111 pyrocatechol 500 250 5 3600 KOH 5 wt.% 48 37 1 10 4
(Kruse, 1999) Tubular reactor | glucose 550 310 18 138 K,CO3 95.2 2 46 0.1 1.9

(Kruse, 1999) Tubular reactor | glucose 550 310 5 138 KoCO3 81 a7 69 19 8.7

(Kruse, 1999) Tubular reactor | glucose 600 310 18 138 K,CO3 97 2 55 0.2 33 -
(Kruse, 1999) Tubular reactor | glucose 600 310 5 138 KoCO3 91.8 37 67 41 7.3 -
(Kruse, 1999) Batch 111 Straw 450 350 1 7200 K;,CO3 82.1 27 39.7 1.0 16.5 -
(Kruse, 1999) Batch 111 Straw 500 315 1 7200 KoCO3 925 437 40.6 0.12 15.6 -
(Kruse, 1999) Batch 111 vanilin 450 350 1 7200 KoCO3 735 459 386 0.5 150 -
(Kruse, 1999) Batch 111 vanilin 500 315 1 7200 KoCO3 78.1 40.9 43 15 14.6 -
(Kruse, 1999) Batch 111 wood 450 350 1 7200 KoCO3 81.2 34.2 50 0.7 15.3 -
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(Kruse, 1999) Tubular reactor | glucose 400 300 3.6 120 KOH 35 41 45.1 41.2 15 -

(Kruse, 1999) Tubular reactor | glucose 500 300 3.6 120 KOH 62 151 218 53.4 5.3 -

(Kruse, 1999) Tubular reactor | glucose 600 250 3.6 120 KOH 99.9 57.2 33 0.5 3.7 -

(Kruse, 1999) Tubular reactor |1 glycine 600 250 4 120 KOH 98.5 57 41 0.8 1.8

(Kruse, 1999) Tubular reactor |1 pyrochatechol 600 250 2.2 120 KOH 99.9 63.1 321 14-6.3 2.4 -

(Kruse, 1999) Batch | sucrose 400 260 17 14400 NaOH 19 2 53 1.6 11 -

(Kruse, 1999) Batch | sucrose 480 200 17 14400 NaOH 45 58 24 14 11 -

(Kruse, 1999) Batch | sucrose 480 260 17 14400 Raney Ni + NaOH 99.9 58 26 0.3 14 -

(Modell, 1985) Batch 316 SS Glucose 374 218 3.2 3600 Ni base 10 0 42 37 15

(Modell, 1985) Batch 316 SS Glucose 374 218 3.2 600 Co/Mo, P/AI203 mix. 11 25.7 31.6 41.6 1.0

(Modell, 1985) Batch 316 SS Glucose 374 218 32 1800 Co/Mo, P/AI203 mix. 45.1 385 12.6 29 0.74

(Modell, 1985) Batch 316 SS Glucose 374 152 32 1800 Co/Mo, P/AI203 mix. 34 2321 65.1 11.24 0.5

(Modell, 1985) Batch 316 SS Glucose 374 218 10 1800 Co/Mo, P/AI203 mix. 9.5 20.38 42.38 36.07 11

(Modell, 1985) Batch 316 SS Cellulose 374 218 1 1800 Co/Mo, P/AI203 mix. 18.3 14.5 19.7 64.2 15 0.13

(Modell, 1985) Batch 316 SS Hexanoic acid 374 218 3 1800 | Co/Mo, P/AI203 mix. 2.8 67.61 316 5 0.8

(Modell, 1985) Batch 316 SS Polyethylene 374 218 12 1800 Co/Mo, P/AI203 mix. 22 26.6 65.87 5 254

(Modell, 1985) Batch 316 SS Polyethylene 374 218 12 10800 | Co/Mo, Pt/AI203 mix. 4 35.75 54.43 5 3.73

(Park, 2003) autoclave cellulose 450 440 10 7200 RuO2 97 14.6 50.9 34.2

(Park, 2003) autoclave Naphthalene 450 440 7200 RuO2 96.7 84 42.7 48.8

(Park, 2003) autoclave Carbazole 450 440 7200 RuO2 87.9 6.7 40.6 52.7

(Park, 2003) autoclave Phenyl ether 450 440 7200 RuO2 99.9 54 48.8 45.8

(Park, 2003) autoclave dibenzifural 450 440 7200 RuO2 101.7 55 436 51

(Park, 2003) autoclave polyethylene 450 440 7200 RuO2 100.6 5.3 28 66.6

(Park, 2003) autoclave polypropylene 450 440 7200 RuO2 99.9 6.5 26.9 66.5

(Park, 2003) autoclave polystyrene 450 440 7200 RuO2 100.7 6.9 394 53.7

(Park, 2003) autoclave Eg’eﬁgﬁégg 450 | 440 7200 RUO2 97.2 115 | st 37.3

S0 | Tubular Reactor I catechol 600 | 250 | 36 | 30-120s KOH %8 615 | 203 | 052 | 22 | 052

(2%‘30*(‘;)“' eder, Tubular reactor 11 glucose 600 | 250 | 36 | 30-120s KOH 9 507 | 318 0.4 32 | 06

(Sinag, 2003) CSTR glucose 400 300 5 318 K2CO3 18 27 57 3.8 16.7 -

(Sinag, 2003) CSTR glucose 500 300 5 318 K2CO3 48 3B 44 0.2 14 -

(Xu, 1996) SCRRL Acetic acid 600 | 345 | 06 | 014° C°°°”“tczr“§'c') activated 57 124 | 465 0 a1 | -
SCFR1 Depithed bagasse ¢ | Coconut shell activated

(Xu, 1996) liquid extract 600 345 152 0.32 carbon 100 237 60.9 0 14 14

(Xu, 1996) SCRRL Ethylene glycol 600 | 35 | 06 | o11° | Coconutshal activated 49 42 | 425 0 219 | 14

(Xu, 1996) SCFR1 glucose 50 | 345 | 18 | 135° COCO”L“C?E'C') r‘f‘:“"ated 51 14 58 | 417 | 76 | 49

(Xu, 1996) SCFR1 glucose 550 | 5| 18 | 135° COCO”L“C?E'C') activated 54 173 | 204 | 466 | 103 | 54
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(Xu, 1996) SCFR1 glucose 600 | 35| 18 | 135° | Coconutshal activated 9% 26.7 21 35 122 | 51
(Xu, 1996) SCFRL glucose 600 | 35| 22 16° C°°°”“tci‘rﬁ'c')r‘f‘:“"aed 9% 281 | 241 | 303 | 132 | 43
(Xu, 1996) SCFR1 glucose 600 | 255 | 22 | 161° COCO”L“C?E'C') r‘f‘:“"ated 9% 242 | 186 | 395 | 125 | 52
(Xu, 1996) SCFR1 glucose 600 | 5| 22 | 22° COCO”L“C?E'C') r‘f‘:“"ated 103 286 | 395 10 157 | 62
(Xu, 1996) SCFR1 glycerol 600 | 345 | 184 | 436° COCO”L“C?E'C') r‘f‘:“"ated 9 517 | 312 | 23 | 141 | 07
(Xu, 1996) SCFR1 glycerol 600 | 345 | 184 | 44° COCO”L“C?E'C') r‘f‘:“"ated 101 543 | 202 2 134 | 11
(Xu, 1996) SCFR1 methanol 600 | 35 | 32 | osgc | Coconutshal activated 78 724 | 248 | 14 14 | -
(Xu, 1996) SCFR1 Methy! ethyl ketone 600 | 345 | 07 | o014c | Coconut C?rf)'c') activated 62 2 511 0 243 | 26
(Xu, 1996) SCFR1 Sewage sludge 600 | 45| 28 | o05° COCO”L“C?E'C') r‘f‘:“"ated 100 % 492 36 21 | 91
(Xu, 1998) SCFR3 Corn starch 650 | 280 | 104 | 1e452" COCO”L“C?E'C') r‘f‘:“"ated 102 e ) 1 19 ;
(Xu, 1998) SCFR3 Poplar wood 650 | 280 | 156 | 5472 | Coconut shell activated 9% 57 R 4 6 -
sawdust/corn starch carbon
(Xu, 1998) SCFR3 Sewage Sacgelcom 650 | 280 | 72 | evegt | Cooonutshell activated 9% 2 39 1 17 -
(Elliott, 1994) FBsgeRigg)“Ch phenol 3% | 20| 2 RWAL,Os 100.2 12 42 - 54 | 15
(Vogel, 2002) Batch reactor Wood sawdust 375 320 20 Ni/e AJO; 14 14 78 - 8 -
ogd, atch reactor Wood sawdust 4 17 | 10. Ni/> AdO 23 2 61 - 9 -

(Vogel, 2002) Batch d sawd 23 | 3 0.9 i/ Ad
(Voge, 2002) Batch reactor Wood sawdust 402 327 10 Raney Ni 2800 77 2 45 - 29 -
(Vogd, 2002) Batch reactor Wood sawdust 410 323 10 Raney Ni 2800 78 A 4 - 23 -
(Voge, 2002) Batch reactor Wood sawdust 409 324 9.9 Raney Ni 2800 80 3 43 - 235 -
(Voge, 2002) Batch reactor Wood sawdust 413 320 19.9 Raney Ni 2800 78 21 45 - A -
(Voge, 2002) Batch reactor Wood sawdust 405 321 29.9 Raney Ni 2800 75 18 46 - 36 -
(Voge, 2002) Batch reactor Wood sawdust 348 325 29.9 Raney Ni 2800 74 45 51 - 44.5 -

# time on stream

¢ WHSV=CoV/W(Co-reactant concentration, V-volumetric flow rate of the feed, W-weight of the catalyst)
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